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ABSTRACT 
 As the need for both sustainable energy production and waste minimization increases, the 
gasification of biomass becomes an increasingly important process. What would otherwise be 
considered waste can now be used as fuel, and the benefits of volume reduction through 
gasification are seen in the increased lifespan of landfills. Fluidized-bed gasification is a 
particularly robust technology, and allows for the conversion of most types of waste biomass. 
 Within a fluidized-bed gasifier, thermal medium (sand) is heated to operating temperature 
(around 1350°F) and begins to fluidize due to the rapid expansion of air entering the bottom of 
the reactor. This fluidization allows for excellent heat transfer and contact between gases and 
solids, and prevents localized “hot spots” within the gasifier, thereby reducing the occurrence of 
ash agglomeration within the gasifier. Solids enter the middle of the gasifier and are rapidly dried 
and devolatilized, and the products of this step are subsequently oxidized and then reduced in the 
remainder of the gasifier. A syngas composed mainly of N2, H2O, CO2, CO, CH4, and H2 exits 
the top of the gasifier. 
 A computer model was developed to predict the syngas composition and flow rate, as 
well as ash composition and mass flow rate from a fluidized-bed gasifier. A review of the 
literature was performed to determine the most appropriate modeling approach. A chemical 
kinetic model was chosen, and developed in MATLAB using the Newton-Raphson method to 
solve sets of 18 simultaneous equations. These equations account for mass and energy balances 
throughout the gasifier. The chemical kinetic rate expressions for these reactions were sourced 
from the literature, and some values modified to better fit the predicted gas composition to 
literature data. 
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 These past two years have both taught me and tried me, and to the great minds that 
surround me, I owe my victories. I would like to share with you some of my favorite author’s 
(Dave Eggers) quotes, which have helped me to explore the more human aspects of writing: 
 “We have advantages. We have a cushion to fall back on. This is abundance. A luxury of 
place and time. Something rare and wonderful. It's almost historically unprecedented. We must 
do extraordinary things. We have to. It would be absurd not to.” 
 “I will not wait to love as best as I can. We thought we were young and that there would 
be time to love well sometime in the future. This is a terrible way to think. It is no way to live, to 
wait to love.”  
 “Because secrets do not increase in value if kept in a gore-ian lockbox, because one's past 
is either made useful or else mutates and becomes cancerous. We share things for the obvious 
reasons: it makes us feel un-alone, it spreads the weight over a larger area, it holds the possibility 
of making our share lighter. And it can work either way - not simply as a pain-relief device, but, 
in the case of not bad news but good, as a share-the-happy-things-I've-seen/lessons-I've-learned 
vehicle. Or as a tool for simple connectivity for its own sake, a testing of waters, a stab at 
engagement with a mass of strangers.”  
 And one quote from my current favorite band, Defiance, Ohio: 
 “Nobody really wants to know the future, we just want to hear ‘You’ll be alright’ and 
we’ll be alright. These days they will find us learning that we had it all wrong; but these days 
they will find us unashamed because we were learning all along, and the radio plays a familiar 
song. And to this magic we hold on, I just don’t want to feel its loss until it’s gone. It was in an 
eerie glow I finally left you lonely, left the TV on.”  
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1. INTRODUCTION 
1.1 Problem Statement 
 To better understand the effects of operating conditions and biomass composition on the 
performance of a fluidized-bed gasifier, the authors developed a computer model for biomass 
gasification as part of a research project funded by Maxwest Environmental Systems Inc. 
Maxwest owns and operates the only commercial-scale sewage sludge gasification facility in the 
United States, and provides a viable alternative to the landfilling of waste biosolids. The syngas 
composition and flow rate predicted by the gasification model will become inputs for future 
modeling of syngas combustion in their thermal oxidizer. The modeling of both the gasification 
of biomass and the combustion of the syngas will provide the information needed for the design 
of air pollution control (APC) equipment required downstream of a coupled fluidized-bed 
gasifier and thermal oxidizer. 
1.2 Project Objectives 
 The project was entitled “Developing a greater understanding of gasification of biosolids 
– implications for air pollution control strategies.” The objectives of the project were to review 
the literature concerning the modeling of biosolids gasification, develop a mathematical model of 
the process that Maxwest could use to model their current and future fluidized-bed gasifiers, as 
well as to review potential uses for ash from the process and the fate of mercury in a gasifier. 
The main focus of the project, and the focus of this thesis, was on the development of a biosolids 
gasification model, although other topics are discussed in this work. 
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1.3 Project Importance 
 The computer model developed during this project will aid in the future design of 
gasifiers as well as APC equipment for coupled gasification/oxidization processes. The goal is 
ultimately to save money, and to improve future gasifier designs. Furthermore, through better 
understanding of gasification and determination of the most efficient operating conditions for a 
process, it may be possible to recover more energy from gasification in the future. If the syngas 
is to be cleaned and combusted in a natural gas turbine, predicting the levels of tars and trace 
gases in the syngas becomes relevant. With a better understanding of gasification, there is 
potential to provide both a sustainable source of power, and an alternative to the landfilling of 
these “waste” biosolids. 
1.4 Thesis Organization 
 This work begins with a literature review of past gasification modeling efforts. The 
reader is introduced to both kinetic and equilibrium modeling, as well as the processes of 
devolatilization that occur within a gasifier. Next, a manuscript of the author’s work is presented, 
in the form of a conference paper submitted for the 106
th
 Annual Conference & Exhibition of the 
Air & Waste Management Association (Chicago, June 2013). The manuscript is followed by an 
extended discussion of the model development and validation efforts. The succeeding chapter 
introduces the computer model that was developed by the author, and discusses the numerical 
methods used in that model. Finally, the author’s conclusions and recommendations for future 
research are presented. 
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2. LITERATURE REVIEW ON GASIFICATION 
2.1 Introduction 
 This section reviews the efforts of researchers from around the world in their work to 
develop an accurate mathematical model for the process of biomass gasification. It is important 
to note the differences in methodology, particularly in the distinction of different zones within 
the gasifier, and the use of a kinetic or an equilibrium modeling approach. 
 The gasification of biomass is the process in which organic material, consisting of 
carbon, hydrogen, oxygen, nitrogen, sulfur, chlorine, and other trace elements, is converted into 
gas, tar, and char at high temperatures with a limited amount of air. In fluidized-bed gasification, 
the process occurs in sand-filled reactors, where air enters the bottom of the gasifier and fluidizes 
the sand as it flows upwards. Biosolids are fed into the side of the gasifier, above the air tuyeres 
(nozzles), and are rapidly mixed in the bed. Other types of gasifiers include downdraft and 
updraft fixed-bed, and entrained-bed units. Fluidized-bed gasification is generally considered to 
be the most flexible process in terms of accepting different fuel sources. 
 Gasification is not combustion because combustion involves the complete or nearly 
complete oxidation of all organic components in the fuel. Similarly, gasification is not pyrolysis 
because pyrolysis involves the thermal degradation of complex organics into smaller organic 
molecules in the complete absence of oxygen. In gasification, the amount of air used is much less 
than the stoichiometric amount needed for complete combustion, but enough to allow some 
oxidation reactions to occur. These oxidation reactions generate the heat needed for the reduction 
reactions that also occur within the gasifier. Thus, gasification includes both oxidation and 
 4 
 
reduction reactions within the same device, and this distinguishes it from being classified as 
either an incinerator or a pyrolysis unit. 
 In gasification, a mixture of combustible gases is produced, referred to as syngas or 
producer gas. This mixture principally includes carbon monoxide (CO), carbon dioxide (CO2), 
molecular hydrogen (H2), methane (CH4), water vapor (H2O), molecular nitrogen (N2), tars 
(CmHn and CmHnO), and other trace gases including ammonia (NH3), hydrogen chloride (HCl), 
and hydrogen sulfide (H2S).
1,2,3
 The reactions within the gasifier are carried out between 1100°F 
and 1600°F, although the formation of clinkers, or ash agglomeration, can be prevalent at 
temperatures of 1450°F or higher (due in part to the potassium content of the biosolids).
4
 The 
process of gasification proceeds in essentially four steps: drying, pyrolysis (or devolatilization), 
heterogeneous reactions between char particles and gases (both oxidation and reduction), and 
gas-phase reactions, as illustrated below.
 5 
 
 
Figure 2-1. Overall Process of Gasification (Adapted from Brown, 2011) 
 
 When modeling a fluidized-bed, it can be difficult to consider these steps of drying, 
devolatilization, oxidation, and reduction as occurring sequentially, as in fact, numerous 
reactions occur in parallel. For this reason, a literature review of state of the art modeling 
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methodologies and attempts was performed to discern the most accurate approach in the 
modeling of a bubbling fluidized-bed (BFB) gasifier. 
 There are two main approaches to modeling the gasification process: thermodynamic 
equilibrium and kinetics. In thermodynamic equilibrium, products and reactants are in dynamic 
equilibrium, and gas concentrations do not change. The concentrations are calculated dependent 
upon equilibrium factors and an assumed temperature. Since it is not expected that reactions will 
proceed to completion, nor that equilibrium will occur in a fluidized-bed gasifier (although this 
assumption is reasonably valid for entrained-bed gasifiers, which operate around 2500°F and at 
high pressures), the inclusion of chemical kinetics in the model may allow for more realistic 
modeling of the process.
 6
 Furthermore, a chemical kinetic model allows for predicting the 
syngas composition at various heights in the gasifier. A downside of kinetic modeling though, 
when compared to equilibrium modeling, is that it is more computationally complex. The 
following section discusses both equilibrium and kinetic-based approaches. 
2.2 Thermodynamic Equilibrium Modeling  
  The modeling of a gasifier with the assumption of thermodynamic equilibrium is a 
common approach. The gasifier is divided into zones and one generalized reaction, requiring an 
assumption of the chemical formula of the waste biosolids, is used to represent the overall 
process. Alternatively, a number of reactions and their respective equilibrium constants may be 
used. A generalized equation for the processes of gasification is shown in equation 2-1.
7
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(2-1) 
Where: 
 x, y, z, f, l  = stoichiometric coefficients of biosolids 
 w   = moles of water per mole of biosolids 
 m   = moles of oxygen per mole of biosolids 
 ni   = moles of product produced 
 
 Elemental mass balances are maintained and it is often assumed that 100% of the biomass 
carbon and hydrogen will be utilized in the formation of products.
7
An initial temperature is 
assumed and equilibrium constants for a number of reactions are calculated. Most often, the 
reactions modeled are the water-gas shift reaction, the Boudouard reaction, and the methanation 
reaction,
6,8
 all of which are discussed further in this work. Using these equilibrium constants, the 
final producer gas composition is calculated algebraically. 
 A heat balance is then carried out using the molar specific heats of the gases (see 
Appendix B). As temperature increases, the ability of a gas to absorb heat increases. Therefore, 
the final temperature of the gasifier is determined in an iterative process. With an assumed initial 
temperature, the specific heat of each gas is calculated, and the amount of heat expected to be 
absorbed by all the gases is determined. The amount of heat from the reactions not absorbed by 
the gases (as well as the char, ash, and thermal medium, if modeled) is then used to adjust the 
temperature of the gasifier. Since the equilibrium constants are temperature dependent as well, 
these constants must be recalculated each iteration. This process is repeated until there is little 
deviation in either product gas composition or temperature between iterations.
7
 
 However, since the assumption of chemical equilibrium in a fluidized-bed gasifier is 
likely inappropriate, attempts have been made to improve upon this approach. Empirical based 
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modifications were made to an equilibrium model for a circulating fluidized bed (CFB), which 
attempted to correct for observed deviations between the researcher’s experimental data and 
modeling results.
8
 The incorporation of a number of correction factors were included in the 
model, which account for the incomplete conversion of carbon, and it’s effect on chemical 
equilibrium within the gasifier. 
 These “non-equilibrium” factors were derived from tests performed in a pilot-scale CFB 
gasifier, as well as from other literature sources. Multiplying the factors by the equilibrium 
constants for the gasification reactions resulted in more accurate results when compared with 
lab-scale test data.
8
 This increased accuracy was reflected in the prediction of higher final 
concentrations of CO2, CH4, and H2O, and much lower predicted concentrations of CO and H2 
(as well as a lower predicted heating value of the syngas in comparison with the original 
equilibrium model). Although the modified model correlated well with the author’s data, it is 
noted that such empirically-adjusted models may not translate well to other gasifiers. 
 The key assumption in a thermodynamic equilibrium model is that reaction rates are fast 
enough, and that residence times are long enough for the process to reach a state of equilibrium. 
This assumption however often results in an overestimation of the dry gas heating value, the 
yields of H2 and CO, and an underestimation of CO2, tars, and ash-bound char.
9
 
 One particular model, which allows a good visualization of the gasification process was 
developed for a fixed-bed downdraft gasifier.
10
 The model defined distinct gasification zones, 
and granted insight into the modeling of any gasifier, particularly with respect to where reactions 
are expected to occur. 
 In the model of Ratnadhariya and Channiwala,
10
 the gasifier was divided into three zones. 
The first was the drying and pyrolysis zone where biomass enters the gasifier. Here, the biomass 
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is dried and devolatilized into simpler compounds. The products leaving this zone were assumed 
to be solid char (carbon), CO, CO2, H2, H2O, CH4, and C2H2. Within this first zone, the authors 
assumed that 80% of the dry biomass oxygen (fuel-O) was associated with dry biomass hydrogen 
(fuel-H) in the form of H2O, while 20% of the fuel-O was associated with dry biomass carbon 
(fuel-C) and released as CO and CO2 during devolatilization. The ratio of the moles of CO to 
CO2 formed was assumed to be inversely proportional to their molecular masses (more CO 
produced). It was also assumed that 50% of the fuel-H was released as H2, while the remaining 
50% was released in the form of CH4 and C2H2. The number of moles released of CH4 and C2H2 
was assumed to be inversely related by the molecular masses of the compounds (more CH4). 
This model is illustrated in Figure 2-2.
10
 
 The products from the first zone entered the second zone of the model, where the 
incoming oxidant (air) reacted with the products of pyrolysis. Here, H2 was completely oxidized 
to H2O, and free oxygen was further consumed in the oxidation of char, yielding CO and CO2. 
The ratio of the production of CO and CO2 was assumed to be related inversely by the 
exothermicities of the two oxidation reactions. Since the complete oxidation of char to CO2 
releases 394 kJ/gmol-K compared to 111 kJ/gmol-K for the incomplete oxidation of char to CO, 
the ratio of the moles of CO formed to CO2 was assumed to be 3.6. The CO and CO2 produced 
by these char oxidation reactions were added to the gases produced in the pyrolysis zone. It was 
assumed that CH4 and C2H2 from the first zone were carried forward to the next zone due to their 
lower reactivity.
10
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Figure 2-2. The Three-zone Equilibrium Model for a Downdraft Biomass Gasifier 
(Adapted from Ratnadhariya and Channiwala, 2009) 
 
 The final zone in this model is the reduction zone. Here, it was assumed that the 
Boudouard reaction (C + CO2 → 2CO) consumed 43% of the carbon while the water-gas 
reaction (C + H2O → H2 + CO) consumed 57% of the carbon (related inversely by the 
endothermicities of these reactions).
10 
 10 
 
 Other potentially useful assumptions from this model are that char was represented by 
graphitic carbon (C), that the process of gasification was isobaric, and that there was no heat 
transfer between the various zones of the gasifier.
10
 The assumption of an isobaric gasifier can be 
unreasonable though, as air is introduced to the bottom of a gasifier, fluidizing the bed and 
driving the gases upwards.
11
 Also, undoubtedly there is heat transfer between the zones. 
Although this model included a number of simplifying assumptions, the results compared 
reasonably well with the researcher’s data.10 
 Concerning other compounds, it is important to include trace gases such NH3, HCl and 
SO2 in any gasification model, as the concentrations of these gases affect downstream APC 
devices.
12
 In one model, all fuel-bound nitrogen (fuel-N) was released as N2.
13
 Another study 
concluded that roughly half of the fuel-N was used in the formation of ammonia.
14
 This figure 
does vary though, with lower amounts of ammonia present at a higher temperatures and higher 
equivalence ratios. The equivalence ratio, or ER, of a gasifier is the stoichiometric ratio of the air 
provided to the air required for complete combustion of the biosolids, as defined in eq. 2-2.
14
 
Concerning sulfur, researchers assumed that all fuel-bound sulfur (fuel-S) was released as H2S 
since free oxygen is scarce and SO2 was not expected to form.
13
 
 
    
           
                 
 (2-2) 
 
Where: 
 O2 Supplied   = Mass flow rate of free oxygen into the gasifier (lbs/hr) 
 Theor. O2 Required  = Theoretical amount of oxygen needed for complete combustion of   
     feedstock (lbs/hr) 
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 It is important to review and consider previous approaches and the assumptions of the 
researchers before implementing them in a new model. The above equilibrium approaches have 
their merits, but it is crucial to examine other methods. 
2.3 Chemical Kinetic Modeling 
 The other common approach to modeling gasification, particularly in a bubbling 
fluidized-bed (BFB), is with the use of chemical kinetics, where syngas composition changes 
with time (position) in the gasifier. For example, if gases are assumed to flow upwards in a 
gasifier, the composition of the syngas would vary throughout the height of the gasifier. Since 
reaction rates are affected by the syngas composition and temperature, each defined area 
(modeled with idealized reactors, as discussed further in this work) would have different reaction 
rates, and therefore exhibit different behavior. 
 One of kinetic models reviewed defined the gasification process as essentially two steps: 
the drying and pyrolysis of the biomass (occurring in the same zone), and the gasification of the 
products from the first zone.
1
 In the drying and pyrolysis zone, it was assumed that water is 
driven off thermally and vaporized, and that biomass particles are devolatilized into gases, char, 
and tar. The second zone included both heterogeneous reactions (solids interacting with gases), 
such as the reduction and oxidation of char, as well as homogenous reactions (solely gas phase). 
 The drying and devolatilization reactions in the first zone are often considered to occur 
instantaneously.
1,9,15,16
 The biomass particles are assumed to undergo pyrolysis before they get a 
chance to mix in the fluidized-bed, and these products of pyrolysis then serve as the initial reactants 
in the gasification zone in the fluidized-bed. One model of a BFB gasifier used this assumption, 
and considered the gasifier as an axial-flow, cylindrical bed, divided into stacked vertical 
cylinders.
16
 This visualization inspired the researchers to model the gasifier as several 
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continuously-stirred-tank-reactors, or CSTRs, in series. A simple example of two CSTRs-in-
series is seen in Figure 2-3. Within each CSTR, temperature and species concentrations are 
assumed to be uniform. Furthermore, the temperature and concentrations of components exiting 
the reactor are assumed to be the same as the conditions inside the CSTR. 
 
 
Figure 2-3. Simple Example of CSTRs-in-series 
 
 A one-dimensional model for a circulating fluidized-bed (CFB) gasifier was developed 
which included reaction kinetics, mass and energy balances, and hydrodynamics.
17
 The process 
was represented using twelve reactions, each with kinetic parameters from the literature. Some of 
these kinetic parameters were modified to allow a better fit between model results and data from 
the researcher’s pilot-scale gasifier.17 
 Those researchers divided the zones of the gasifier as follows: a “flaming pyrolysis 
zone,” and a char reduction zone.15 Biomass was assumed to be converted into solid, liquid, and 
gaseous volatiles in the high temperature flaming pyrolysis zone. The products from the 
pyrolysis zone continued into the reduction zone, where endothermic reactions produced 
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combustible gases including H2 and CO.
15
 Experimental data were compared against the model, 
and the apparent kinetic rate pre-exponential terms were estimated.
15
 
 Another comprehensive model was developed to predict the performance of a pilot-scale 
BFB gasifier.
18
 A relatively constant bed temperature profile was observed in the pilot-scale unit, 
with no more than 10°C difference between the top and bottom of the bed. This near-constant 
temperature profile is one of the benefits observed in a fluidized-bed. This model also assumed 
that drying and pyrolysis occur simultaneously and instantaneously, and that the major products 
of drying and pyrolysis were char, tar, and the gases: CO, CO2, CH4, H2, and H2O.
18 
2.4 Fluid Dynamics and Mass Transfer in a Fluidized-bed 
 Fluidized-bed gasifiers, both bubbling and circulating, are sometimes modeled using the 
two-phase theory of fluidization. In this approach, the dense zone of the reactor (the bed wherein 
both solids and gases reside), is divided into a bubbling phase and an emulsion phase. The 
emulsion phase consists of solid particles encased by a film of gas, while the bubbling phase 
consists solely of gases flowing upwards.
13,19
 A core-annulus flow regime can also be considered 
in the modeling of a CFB gasifier. In this approach, gases and solids are carried up through the 
bed and freeboard in the core, and an annulus of solids falls back down to the bed.
19
 It can be 
reasonably assumed though when modeling a BFB that sand particles and solid char are almost 
entirely restricted to the bed. 
 Although the effects of mass transfer were explored by researchers, it was noted that at 
temperatures below 1600°F, chemical kinetics will dictate the speed of the process.
15,16, 20
 Also, 
it is reasonable to assume that due to the high gas and solids mixing rate in a BFB, contact 
between the phases is sufficient to not impede the heterogeneous gasification reactions.
20
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2.5 Zones in a Fluidized-bed Gasifier 
 A fluidized-bed design offers a number of advantages over other types of gasifiers, 
including the versatility to handle a wide assortment of feedstock, a high rate of mixing and mass 
transfer within the bed, more constant temperature profile, and relatively high conversion of fuel-
C to product gases.
1,6 
A simple schematic of a fluidized-bed gasifier is shown in Figure 2-4. 
 
 
Figure 2-4. Schematic and Temperature Profile of a Bubbling Fluidized-bed (Adapted from 
Basu, 2009) 
 
 The entire process may be considered in several different ways, but it is important to 
model all stages of the gasification process. These stages of gasification, including the 1) drying 
and devolatilization of the biomass, 2) oxidation, and 3) reduction reactions are modeled as 
occurring in unique zones of the gasifier. Since the zones exchange gas, liquid, and solid 
particles as well as heat, mass and energy balances must be maintained within each zone, as well 
as in the gasifier as a whole. 
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 An often referenced model
17
 assessed a fluidized-bed gasifier in the following way. One 
distinct region included the drying and pyrolysis of the incoming biosolids, the oxidation of the 
products of pyrolysis, the methanation reaction (H2O + CH4 ↔ CO + 3 H2), and the reduction 
reactions occurring between tar and char species.
17
 From this zone, the syngas, tars, and char 
flowed into the next region (the freeboard of the gasifier), where the researchers modeled the 
further oxidation of these products, as well as the water-gas shift reaction (H2O + CO ↔ H2 + 
CO2).
17
 
 Essentially the model used several reactions, but sequentially. The researchers also 
assumed that heterogeneous reactions occur in the gasifier freeboard. This applies well to a CFB 
gasifier, where solids are launched into the freeboard due to the high velocity of incoming air 
(and recirculated back into bed via a cyclone recycle stream), but will not be as useful in the 
modeling of a BFB gasifier where solids are assumed to remain in the bed. 
 A combination of kinetics and equilibrium has been used to model a fluidized-bed 
gasifier.
21
 In the first zone, the drying and pyrolysis zone, researchers assumed that the free 
moisture in the biomass is vaporized to water vapor, and that solid char (carbon) is produced 
from the devolatilization of the biomass. The amount of char produced was dependent upon a 
defined carbon conversion efficiency, which can be difficult to assume. An equilibrium 
calculation determined the composition of gases released from biomass devolatilization, and 
chemical kinetics were then utilized to model the homogeneous and heterogeneous oxidation and 
reduction reactions in the remainder of the gasifier.
21
 
 Clearly, a distinction between the drying and devolatilization of incoming biomass, and 
its subsequent transformation into gaseous and solid products is evident in the literature. These 
processes are typically assigned to zones within the gasifier. In this work, the author chose to 
 16 
 
model the gasifier as having three zones: drying and devolatilization, oxidation, and reduction. 
These zones are further discussed in the following section. 
2.5.1 The First Zone – Drying and Pyrolysis 
2.5.1.1 Representations of Biomass Devolatilization 
 Upon entering a gasifier, biomass undergoes drying and pyrolysis. Drying involves the 
heating and vaporization of the free water in the feedstock, while pyrolysis involves the 
decomposition of the biomass into char, tars, and gases including H2, CH4, CO, CO2, N2, NH3, 
HCl, and H2S. The reactions of drying and pyrolysis occur rapidly in relation to the gasification 
reactions, and are often considered to be instantaneous.
16,21
 With this approach, the first zone 
where biomass enters into a gasifier is essentially considered to be in equilibrium. To determine 
the products from this zone, data from lab-scale pyrolysis units are helpful. Although many of 
these data were developed from woody biomass, they may provide reasonable comparisons with 
the products of drying and pyrolysis (devolatilization) of sewage sludge, and are discussed both 
in this section, as well as Chapter 3 of this work. 
 The inclusion of kinetics in this zone may also be appropriate though and could provide a 
more accurate depiction of the process.
22
 Few researchers have studied the production of 
individual gas species from the drying and pyrolysis of biomass, and the kinetic parameters 
needed to model the production of these species can be difficult to source. 
 To use a kinetic approach in the modeling of biomass pyrolysis (assumed to be the initial 
stages of gasification), a number of parameters are needed. The rate of production (or 
destruction) of a component is related to its concentration, the order of the reaction (zero, first, 
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second, mixed), and the rate constant for the reaction. The rate constant (k) is dependent upon 
temperature, and is often defined by the Arrhenius equation, as shown in eq. 2-3.
12 
 The values for the pre-exponential factor (A) and the activation energy (Ea) come from 
experimental observations. Thus, the kinetic parameters for these types of biomass may not 
directly apply for use in the modeling of sewage sludge gasification. 
 A kinetic model for the pyrolysis of wood and almond shells expressed the yield of gases, 
tar, and char as a first-order reaction, in terms of mass fractions of the dry biomass. This is 
shown in eq. 2-4. The total yield from pyrolysis (as a mass fraction of dry biomass) was defined 
as well and shown in eq. 2-5.
11 
 
    
   
   (2-3) 
Where: 
 k  =Reaction rate term (units dependent upon reaction rate) 
 A = Frequency factor or pre-exponential term (min
-1 
or s
-1
) 
 Ea = Activation energy (kJ/gmol) 
 R = Universal gas constant (8.314*10
-3
 kJ/gmol-K) 
 T = Temperature (K) 
 
      
  
        (2-4) 
                                    (2-5) 
Where: 
 xi(t) = Mass fraction of component (gas, tar, or char) at time t 
 x(t) = Mass fraction of the remaining dry biomass at time t  
 ki  =Reaction rate specific to a component, time
-1
 
 t = Time 
 
 The kinetic parameters required for the above equations, specific to the pyrolysis of 
woody biomass, are listed in Table 2-1.
22 
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Table 2-1. Global Kinetic Parameters for Woody Biomass Pyrolysis 
Product Ea, kJ/gmol A, s
-1
 
Gas 122.3 4.840*10
7
 
Tar 121.3 2.099*10
8
 
Char 100.0 3.847*10
6
 
 
 A study of the kinetic rates specifically of sewage sludge drying and pyrolysis was 
conducted by researchers using thermogravimetric analysis.
23
 The researchers observed five 
distinctive zones of mass decomposition in accordance with temperature, and these zones are 
shown in Figure 2-5. 
 
 
 
Figure 2-5. Overall Process of the Drying and Pyrolysis of Sewage Sludge (Adapted from 
Shao et al., 2008) 
 
 For the five distinct regions defined in Figure 2-5, the reactions representing each zone 
can be found in Appendix C. The kinetic parameters for the drying (dehydration) and primary 
degradation reactions are listed in Table 2-2 as well. For temperatures above 350°C, kinetic 
parameters were not available.
 23
 Although the study was performed specifically on the 
devolatilization of sewage sludge, an area where available data are limited, the temperature range 
of the study was not relevant to the temperatures within a gasifier. 
 
Table 2-2. Kinetic Parameters for the Drying and Pyrolysis of Sewage Sludge 
Ea, kJ/gmol A, min
-1
 Reaction order, n Correlation factor, R
2
 
30.6 41.1 2 .995 
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 Also, although this approach is comprehensive and allows for the determination of the 
products of partial pyrolysis (non-equilibrium assumption for this first zone), a limitation in the 
approach is the over-simplification of the biomass into a chemical formula (CH1.58O0.83).
23
 This 
prevents the flexibility of applying these parameters to different compositions of biomass, 
without altering the reactions defined by the original researchers. 
 Another approach to express the evolution of gases from the drying and pyrolysis of 
biomass is the use of a modified Arrhenius equation, shown in eq. 2-6.
25,26
 When terms are 
rearranged and the equation is integrated with respect to Vi (from Vi = 0 to Vi = Vi,f) and t (from t 
= 0 to t = tf), eq. 2-6 becomes eq. 2-7.
25,26 
 
   
  
      
     
     
      (2-6) 
            
        
     
     (2-7) 
Where: 
 Vi*  = Ultimately attainable yield of product i from volatile matter (weight %,  
         
         
    ) 
 Vi,f  = Yield of product i from volatile matter (weight %) 
 k0,i  = Frequency factor applicable for product i (s
-1
) 
 Ea,i  = Activation energy applicable for product i (kJ/gmol) 
 R  = Universal gas constant (8.314*10
-3
 kJ/gmol-K) 
 T  = Temperature (K) 
 tf  = Elapsed Time (s) 
 
 The kinetic parameters required in eqs. 2-6 and 2-7 are available for woody biomass (see 
Appendix C). It is noted that when using the above equations, the initial yield of a product will 
be zero at the entrance point of the biomass. However, this value will change as the biomass is 
devolatilized. For use in modeling for example, the initial yield of each product (gas, tar, or char) 
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would increase in each subsequent CSTR-in-series. This is opposed to the common assumption 
of instant and complete devolatilization. 
2.5.1.2 Carbon Conversion 
 Carbon conversion plays an important role in biomass gasification, and affects each stage 
of the process. A lower carbon conversion results in useful heating value being left in the ash as 
char, and therefore a lower quality syngas. A higher temperature will result in higher carbon 
conversion, but the temperature must be kept low enough to avoid agglomeration of the ash, and 
excessive oxidation of the combustible gas species. 
 A correlation was developed for determining the carbon conversion efficiency in the 
gasification of sawdust in a CFB, and is shown in eq. 2-8.
27
 This relationship is quite simple, but 
reflects the trend of a higher ER, and thus a higher temperature, and it’s affect on carbon 
conversion. 
 
                 
  
       (2-8) 
Where: 
 C  =Fractional carbon conversion 
 ER  = Equivalence ratio (valid between values of 0.22 and 0.54) 
 
2.5.1.3 Trace Gas Formation 
 Concerning the other compounds present in biomass, fuel-N has been assumed to be 
released as N2 by some researchers.
13
 Other researchers have claimed that that roughly 50-60% 
of the fuel-N in biomass may be converted to NH3.
4
 Concerning sulfur, H2S is expected to form 
rather than SO2 due to the scarcity of free oxygen in the gasifier.
13
 HCl is essentially the only 
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product from the chlorine present in sewage sludge when gasifier temperatures are maintained 
below 1700°F.
3 
2.5.2 The Second and Third Zones – Oxidation and Reduction 
 Following the drying and pyrolysis of the biomass, a number of reactions occur. The 
products of the drying and devolatilization zone may be assumed to flow into the oxidation zone, 
and then the reduction zone. In these zones, both heterogeneous reactions between solid char and 
gaseous components and homogeneous gas-phase reactions occur. These gas-phase reactions 
include the oxidation and reduction of gaseous products (CO, CO2, H2, CH4, and H2O), and 
include a number of prominent reactions that are discussed later in this work. 
2.5.2.1 Oxidation Zone 
 In this zone, solid char, CO, H2, CH4, and tars from the drying and devolatilization zone 
are oxidized in the presence of free oxygen. These reactions create heat and help to maintain the 
operating temperature within the bed. The free oxygen is used up in this zone, and the original 
amount of O2 available limits the extent of oxidation that can occur. However, if too high of an 
equivalence ratio is used, excessive oxidization of the valuable components of the syngas will 
occur, resulting in a lower quality producer gas. 
 The most commonly used non-tar oxidation reactions for gasification are presented in 
Table 2-3, and their respective kinetics are discussed in Chapter 3 of this work. The standard 
heats of the reactions (ΔHr
°
, ΔHr at T = 298.15K) are presented in the tables below as well, in 
order to grant insight into the thermodynamic effects of the reactions. The standard heat of a 
reaction is defined in eq. 2-9. A negative value indicates that heat is given off (exothermic), 
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thereby increasing the temperature of surrounding gases and the gasifier. A positive value 
indicates that heat is consumed (endothermic), and required for the reaction to proceed. 
 
Table 2-3. Reactions Assumed to Occur in the Oxidation Zone 
Rxn. # Reaction Name Reaction ΔHr° (kJ/gmol) 
1 Char Oxidation
a
 αC(s) + O2 → 2(α-1) CO + (2-α) CO2 -341
b
 
2 CO Oxidation CO(g) + ½ O2(g) → CO2(g) -283 
3 H2 Oxidation H2(g) + ½ O2(g) → H2O(g) -242 
4 CH4 Oxidation CH4(g) + ½ O2(g) → CO(g) + 2H2(g) -35.7 
a) α is temperature dependent and defined as:   
    
   
with             
      
 
   
  . At T=1000K, α=1.3 
b) Standard heat of formation of Reaction 1 at T = 1000K 
 
                                                                   (2-9) 
Where: 
 ΔHr,k°   = Standard heat of reaction k (kJ/gmol) 
 Σ(vproduct,k* ΔH
°
f,product,k) = Sum of the stoichiometric coefficient of each product of reaction k (vproduct,k)  
     multiplied by the product’s respective standard heat of formation  
     (ΔH°f,product,k) [kJ/gmol] 
 Σ(vreactant,k* ΔH
°
f,reactant,k) = Sum of the stoichiometric coefficient of each reactant of reaction k (vreactant,k)  
     multiplied by the reactant’s respective standard heat of formation  
     (ΔH°f,reactant,k) [kJ/gmol] 
 
2.5.2.2 Reduction Zone 
 Products from the oxidation zone may be assumed to flow into reduction zone, where 
free oxygen has been depleted. The endothermic reactions occurring in this zone are driven by 
the energy produced from the exothermic oxidation reactions. The most commonly modeled 
non-tar reduction reactions, as well as their standard heats of reaction are presented in Table 2-4. 
The kinetic parameters for these reactions may be found in Chapter 3 of this work. Often, 
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reduction reactions concerning fuel-N and the formation of ammonia are not modeled, as 
nitrogen is assumed to react only in the initial drying and devolatilization zone.
13
 
 
Table 2-4. Reactions Assumed to Occur in the Reduction Zone 
Rxn. # Reaction Name Reaction ΔHr° (kJ/gmol) 
5 
Steam reforming of 
carbon 
C(s) + 1.2 H2O(g) ↔ 1.2 H2(g) + 0.8 
CO(g) + 0.2 CO2(g) 
123 
6 Water-gas shift H2O(g) + CO(g) ↔ H2(g) + CO2(g) -41.2 
7 Boudouard C(s) + CO2(g) → 2CO(g) 173 
8 Methanation H2O(g) + CH4(g) ↔ CO(g) + 3H2(g) 206 
 
2.5.2.3 Tar Cracking and Oxidation 
 Tar plays an important role in gasification and can sometimes account for more than half 
of the products of biomass pyrolysis by mass.
22
 The subsequent thermal cracking of tar, also 
known as secondary pyrolysis, and the oxidation of tar have significant effects on the final 
composition of products in a gasifier. Tars are often modeled as benzene (C6H6), phenol 
(C6H6O), or naphthalene (C10H8), and exist in the gas-phase within a gasifier.
13
 Table 2-5 
summarizes tar reactions useful in the modeling of a biomass gasifier, as well as their standard 
heats of reactions.
25,26 
The kinetic parameters for these reactions are discussed in Chapter 3. 
 
Table 2-5. Tar Cracking and Oxidation Reactions Assumed to Occur in a Gasifier 
Rxn. # Reaction ΔHr°(kJ/gmol) 
T1 
C6H6O(g) → CO(g) + 0.4C10H8(g) + 0.15C6H6(g) + 0.1CH4(g) + 
0.75H2(g) 
50.8 
T2 C6H6O(g) +3H2O(g) → 4CO(g) + 2CH4(g) + 2H2(g) 230 
T3 C10H8(g) → 7.38C(s) + 0.275C6H6(g) + 0.97CH4(g) + 1.235H2(g) -200 
T4 C6H6(g) +2H2O(g) → 1.5C(s) + 2.5CH4(g) + 2CO(g) -7.49 
T5 C6H6O(g) +4O2(g) → 3H2O(g) + 6CO(g) -1,290 
T6 C6H6(g) + 4.5O2(g) → 6CO(g) + 3H2O(g) -1,470 
T7 C10H8(g) +7O2(g) → 4H2O(g) + 10CO(g) -2,220 
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2.6 The Approach to Mass and Energy Balances within the Gasifier 
 By basing the model on the most up-to-date literature available, an accurate depiction of 
the actual processes is more likely to be attained. Through the use of idealized reactors and 
defined zones, a robust mathematical model for BFB gasifier may be developed. 
 Both mass and energy balances are required for a functioning model. Mass balances will 
be maintained around each zone, as well as the gasifier as a whole. Inputs into the gasifier 
include the biomass and air, and outputs include the syngas and ash. One of the key assumptions 
was that the reactions proceeded in stages, and that using several CSTRs- in-series would 
provide a good approach to a realistic depiction of the gasification process. A representation 
developed by the author is shown in Figure 2-6, where the oxidation and reduction zones are 
each broken into five CSTRs-in-series. The products of the drying and devolatilization zone 
enter the first oxidation reactor, and flow upwards through the gasifier, where they are first 
oxidized in the oxidation zone, and later reduced in the oxygen-scarce environment of the 
reduction zone. 
2.6.1 Mass Balances 
 An important assumption in the use of idealized CSTRs is how material flows through 
them in respect to the modeling of a gasifier. It has been observed that although the bed solids 
are well mixed in a BFB gasifier, the gases remain generally in plug-flow mode, entering from 
the bottom and leaving from the top.
2,6
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Figure 2-6. Depiction of the Overall Gasification Process 
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 Using 10 CSTRs in series is a reasonable approximation to plug flow. The depiction in 
Figure 2-6 reflects this assumption, as well as the assumption that solid char and ash are carried 
upwards through the gasifier as well. The steady-state mass balance for component j in reactor i 
is shown in eq. 2-10, and further discussed in Chapter 3. 
 In order to solve all the component balances simultaneously, a solution vector was 
defined for each (see eq. 2-11). The solving algorithm of the model then tried to drive all 
elements of the solution vector to zero (as discussed further in Chapter 5). 
 
                              (2-10) 
 
                                  (2-11) 
Where: 
 ṅin,i,j = Molar flow rate of species j entering reactor i (gmol/s) 
 ṅout,i,j = Molar flow rate of species j exiting reactor i (gmol/s) 
 Vi = Volume of reactor i (m
3
) 
 Σri,j = Production rate of species j by the sum of all reactions combined in reactor i (gmol/m
3
-s) 
 yvi,j = Solution element minimized by Newton-Raphson method for species j balance in reactor i 
 
 An example of the summation term seen in eqs. 2-10 and 2-11 is shown for carbon 
monoxide in a reduction zone CSTR in eq. 2-12 (refer to Tables 2-3 through 2-5 for reactions 
relevant to this component). As reactions either produce or consume a gaseous specie or solid 
char, the final concentration of the component in a reactor is affected. 
 The rates of the reactions are greatly affected by the temperature within the reactor. To 
determine this temperature, an energy balance is maintained. Values for the flow rates (molar for 
gases and mass for solids) calculated from the mass balance equations are used in this energy 
balance to account for the heat entering, exiting, and produced (or consumed) in a CSTR. 
 27 
 
                                                                                (2-12) 
Where: 
 ΣrCO,i = Production rate of CO by the sum of all reactions affecting species in reactor i (gmol/m
3
-s) 
 rRxn.5,i = Rate of Reaction 5 in reactor i (gmol/m
3
-s) 
 rRxn.6,i = Rate of Reaction 6 in reactor i (gmol/m
3
-s) 
 rRxn.7,i = Rate of Reaction 7 in reactor i (gmol/m
3
-s) 
 rRxn.8,i = Rate of Reaction 8 in reactor i (gmol/m
3
-s) 
 rRxn.T1,i = Rate of Reaction T1 in reactor i (gmol/m
3
-s) 
 rRxn.T2,i = Rate of Reaction T2 in reactor i (gmol/m
3
-s) 
 rRxn.T4,i = Rate of Reaction T4 in reactor i (gmol/m
3
-s) 
 
2.6.2 Energy Balances 
 Within each CSTR, an energy balance is necessary to determine the temperature within 
the reactor. Exothermic (oxidation) reactions will increase the amount of sensible heat, and 
therefore the temperature of the reactor, while reduction reactions will tend to decrease 
temperature.  
 A steady-state energy balance is shown in eq. 2-13. Here the first term on the right-hand 
side represents the heat that is carried with the gases and solid char from the previous reactor. 
Since material is assumed to flow upwards through the gasifier, products of a lower CSTR will 
flow into the next (higher) CSTR. The four terms in parentheses represent the heat that is carried 
out of the reactor with the gases and char, the sensible heat of all reactions in the reactor, the 
assumed heat loss of the reactor, and the energy required for the initial stages of gasification. 
 The heat required for the drying and devolatilization (DD) zone is assumed to be 
provided by the reactions in the oxidation zone. No heat is assumed to be transferred from the 
reduction zone to the DD zone. The second term on the right hand side of the energy balance 
represents the effects of the thermal medium (sand) in the gasifier. In the same behavior as gases, 
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char, and ash, sand is assumed to flow upwards throughout the reactor as well. This provides a 
thermal ballast and may help to represent the observed near-constant temperature profile of a 
BFB gasifier. 
 
                                                
   
   
  (2-13) 
                                                  
   
   
  (2-14) 
Where: 
 Hi-1 = Enthalpy entering reactor i with gases, char, and ash, defined in eq. 2-15 (J/s) 
 ṁsand = Assumed mass rate of sand (thermal medium) entering and exiting reactor i (g/s) 
 Cp,sand = Heat capacity of sand (J/g-K) 
 Ti-1-Ti = Difference in temperatures between reactors i-1 and i (K) 
 Hi = Enthalpy exiting reactor i with gases, char, and ash, defined in eq. 2-17 (J/s) 
 ∆H°rxn,i = Sum of enthalpies of reactions in reactor i, defined in eq. 2-18 (J/s) 
 qi = Assumed heat loss in reactor i, defined in eq. 2-19 (J/s) 
 HDD = Enthalpy required for the drying and devolatilization zone, defined in eq. 2-20 (J/s) [only  
   applicable to oxidation zone CSTRs] 
 nox = Number of oxidation zone CSTRs 
 yvi = Solution vector minimized by Newton-Raphson method for heat balance in reactor i 
 
 The general expression for the enthalpy entering a reactor is shown in eq. 2-15. It is noted 
that all heat balance calculations are performed with respect to a reference temperature. By 
defining the reference temperature as 298.15K, these calculations are simplified in that only the 
standard heats of reactions are required. In eq. 2-15, the first term is the temperature of reactor i-
1, with the reference temperature subtracted. Next, the enthalpy of all gases entering the reactor 
is defined. The heat capacities of these gases are assumed to be constant and may be found in 
Appendix B. The enthalpy carried with the solid products of gasification (solid char and ash) is 
included in the heat balances also. The heat capacities of these components were sourced from 
the literature and may also be found in Appendix B. For the first oxidation zone reactor only, 
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there is an additional term in the incoming heat expression, Hair, which accounts for the enthalpy 
entering the gasifier with the incoming air and is defined in eq. 2-16. 
 
                                        
  
   
                                   
              
(2-15) 
Where: 
 Hi-1 = Enthalpy entering reactor i (J/s) 
 Ti-1 = Temperature of preceding reactor (K) 
 ṅtotal,i-1 = Total molar flow rate of syngas entering reactor i (gmol/s) 
 fi-1,j = Concentration of syngas specie j entering reactor i (molar fraction)  
 Cp,j = Molar heat capacity of syngas specie j (J/gmol-K) 
 ṅchar,i-1 = Molar flow rate of solid char entering reactor i (gmol/s) 
 Cp,char = Molar heat capacity of solid char (J/gmol-K) 
 ṁash,i-1 = Mass rate of ash entering reactor i (g/s) 
 Cp,ash = Specific heat capacity of ash (J/g-K) 
 Hair = Enthalpy entering reactor with the incoming air (J/s) [only applicable to the first oxidation zone  
   CSTR] 
 
                                                                
                
    
     
         
(2-16) 
Where: 
 Hair = Enthalpy entering the first oxidation zone reactor with the incoming air (J/s) 
 Tair = Temperature of dry air entering reactor i (K) 
 ṅda,in = Molar flow rate of dry air entering the first oxidation zone reactor (K) 
 fCO2,da = Molar fraction of CO2 in dry air 
 Cp,CO2 = Molar heat capacity of CO2 (J/gmol-K) 
 fO2,da = Molar fraction of O2 in dry air 
 Cp,O2 = Molar heat capacity of O2 (J/gmol-K) 
 fN2,da = Molar fraction of N2 in dry air 
 Cp,N2 = Molar heat capacity of N2 (J/gmol-K) 
 fAr,da = Molar fraction of Ar in dry air 
 Cp,Ar = Molar heat capacity of Ar (J/gmol-K) 
 AH = Absolute humidity of ambient air (kg H2O/kg dry air) 
 mwda = Molecular weight of dry air (g/gmol) 
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 mwH2O = Molecular weight of H2O (g/gmol) 
 Cp,H2O = Molar heat capacity of H2O (J/gmol-K) 
 
 Equation 2-17 shows the expression representing enthalpy exiting a CSTR. Heat is 
carried out with all gases, solid char, and ash. 
 
                                
  
   
                                       (2-17) 
Where: 
 Hi = Enthalpy exiting reactor i (J/s) 
 Ti = Temperature of reactor i (K) 
 ṅtotal,i = Total molar flow rate of syngas exiting reactor i (gmol/s) 
 fi,j = Concentration of syngas specie j exiting reactor i (molar fraction)  
 Cp,j = Molar heat capacity of syngas specie j (J/gmol-K) 
 ṅchar,i = Molar flow rate of solid char exiting reactor i (gmol/s) 
 Cp,char = Molar heat capacity of solid char (J/gmol-K) 
 ṁash,i = Mass rate of ash exiting reactor i (g/s) 
 Cp,ash = Specific heat capacity of ash (J/g-K) 
 
 The net heat either produced or consumed by all reactions within the CSTR is represented 
in eq. 2-18. Here, the rate of each reaction occurring in the CSTR is multiplied by the reaction’s 
respective standard heat of reaction. The entire summation term is multiplied by the volume of 
the reactor. 
 
               
  
   
                (2-18) 
Where: 
 ∆H°rxn,i = Sum of the standard enthalpies of reactions in reactor i (J/s) 
 rk,i = Rate of reaction k in reactor i (gmol/m
3
-s) 
 ∆H°rxn,k,i = Standard heat of reaction k in reactor i (J/gmol) 
 Vi = Volume of reactor i (m
3
) 
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 Heat loss in each CSTR is assumed to be a fraction of the enthalpy exiting the reactor, as 
defined in eq. 2-19. This variable can be useful in fitting the temperature profile predicted by the 
model to operating data. 
 
         (2-19) 
Where: 
 qi  = Assumed heat loss in reactor i (J/s) 
 HL  = Assumed fraction of heat exiting reactor i lost through the walls of the gasifier 
 Hi  = Enthalpy exiting reactor i (J/s) 
 
 To model the heat balance for the drying and devolatilization (DD) zone of the gasifier, 
eq. 2-20 accounts for the enthalpy of the incoming biomass, the enthalpy carried out with the 
products of drying and devolatilization, the heat required by the processes in this zone, as well as 
the assumed heat loss in the zone. 
 
                              (2-20) 
Where: 
 HDD = Enthalpy required to sustain assumed gasifier bottom temperature in the drying and   
   devolatilization (DD) zone (J/s) 
 Hout,DD = Enthalpy exiting DD zone, defined in eq. 2-21 (J/s) 
 Hin,DD  = Enthalpy entering DD zone, defined in eq. 2-22 (J/s) 
 ΔHrxn,DD = Enthalpy of drying and devolatilization reactions in the DD zone, defined in eq. 2-23 (J/s) 
 qDD  = Assumed heat loss in DD zone, defined in eq. 2-24 (J/s) 
 
 The enthalpy of all components exiting the drying and devolatilization (DD) zone, 
relative to the reference temperature, is shown in eq. 2-21. The gases, solid char, and ash are 
assumed to carry heat out of the zone. 
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(2-21) 
Where: 
 Hout,DD  = Enthalpy exiting DD zone (J/s) 
 TDD  = Temperature of DD zone (K) 
 ṅtotal,out,DD = Total molar flow rate of syngas exiting DD zone (gmol/s) 
 fout,DD,j  = Concentration of syngas specie j exiting DD zone (molar fraction)  
 Cp,j  = Molar heat capacity of specie j (J/gmol-K) 
 ṅchar,out,DD = Molar flow rate of solid char exiting DD zone (gmol/s) 
 Cp,char  = Molar heat capacity of solid char (J/gmol-K) 
 ṁash,out,DD = Mass rate of ash exiting DD zone (g/s) 
 Cp,ash  = Specific heat capacity of ash (J/g-K) 
 
 The enthalpy of the incoming biosolids into the gasifier is represented in eq. 2-22. The 
specific heats of dry biomass and water may be found in Appendix B. 
 
                                               (2-22) 
Where: 
 Hin,DD  = Enthalpy entering DD zone (J/s) 
 Tbio  = Temperature of biosolids entering gasifier (K) 
 ṁbio  = Mass rate of biosolids entering gasifier (g/s) 
 m  = Moisture content of biosolids (mass fraction) 
 Cp,bio   = Specific heat capacity of dry biosolids (J/g-K) 
 Cp,m  = Specific heat capacity of moisture (liquid water) (J/g-K) 
 ṁash,out,DD = Mass rate of ash exiting DD zone (g/s) 
 Cp,ash  = Specific heat capacity of ash (J/g-K) 
 
 The heat required to drive the initial drying and devolatilization is calculated using the 
enthalpy of biomass devolatilization from the literature (see Appendix B). To model the energy 
required to vaporize the free moisture in the biosolids, the latent heat of vaporization of water 
(ΔHvap) is used. 
 33 
 
                                    (2-23) 
Where: 
 ΔHrxn,DD = Enthalpy of drying and devolatilization reactions in the DD zone (J/s) 
 ṁbio = Mass rate of biosolids entering gasifier (g/s) 
 ΔHdeg = Heat of the devolatilization of dry biosolids (J/g) 
 m = Moisture content of biosolids (mass fraction) 
 ΔHvap  = Latent heat of vaporization of water (J/g) 
 
 Heat loss in the drying and devolatilization zone is also assumed to be a fraction of the 
heat exiting the zone, as seen in eq. 2-24. 
 
              (2-24) 
Where: 
 qDD = Assumed heat loss in DD zone (J/s) 
 HL = Assumed fraction of heat exiting DD zone lost through the walls of the gasifier 
 Hout,DD = Enthalpy exiting DD zone (J/s) 
 
 A 1.1% heat loss was assumed for the entire gasifier, defined as 0.1% (HL = 0.001) of the 
enthalpy exiting each CSTR and the DD zone, with the gases, tar, char, and ash. This value may 
vary dependent upon the process being modeled. When comparing model data to operations data 
from a full-scale gasifier, in comparison to a lab-scale unit, a higher value of HL may be more 
appropriate. Upon calculation of the sensible heat produced in the CSTR during steady-state 
operation, the temperature of the gases and solids in the reactor may be calculated. Referring 
again to the heat balance of a CSTR (see eq. 2-13), a reactor with largely exothermic reactions 
will have a greater negative value for the sum of the enthalpies of reactions, thereby resulting in 
a greater amount of enthalpy within the reactor. A reactor with largely endothermic reactions 
will tend to have a positive value for the sum of the enthalpies of reactions, thereby resulting in 
less enthalpy available in the reactor. 
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 In balancing the heat within a CSTR, the assumed temperature of the solids and gases 
within (and therefore exiting) the reactor is very important. If more enthalpy is available due to 
exothermic oxidation reactions, an increase in the temperature of components exiting the reactor 
will help to meet the CSTR’s heat balance. Equation 2-25 represents the relationship between the 
enthalpy of a component and it’s temperature, assuming a constant specific heat. 
 
              (2-25) 
Where: 
 ∆Hj = Change in enthalpy of component j (J/gmol) 
       = Mean molar heat capacity of component j (J/gmol-K) 
 ∆Tj = Change in temperature of component j (K) 
 
 To determine the final temperature of a component, eq. 2-25 is rearranged to become eq. 
2-26.  
 
          
   
     
 (2-26) 
Where: 
 Tf,j = Final temperature of component j (K) 
 Ti,j = Initial temperature of component j (K) 
 ∆Hj = Change in enthalpy of component j (J/gmol) 
       = Mean molar heat capacity of component j (J/gmol-K) 
 
 Ultimately, the computer model predicts the temperature of a reactor with the energy 
balance (see eq. 2-13). If sufficient enthalpy is available to raise the temperatures of the gases 
and solids within a CSTR, these components will exit the reactor carrying more heat. If 
endothermic reactions are prevalent, the temperature of the gases and solids within the reactor 
must be decreased. In an iterative process, the final temperature of each oxidation and reduction 
zone reactor is varied until the energy balance for the reactor is satisfied. 
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2.6.3 Heating Values of Feedstock 
 Although this model did not use the higher heating value (HHV) of the feedstock, this 
information can be useful to facility operators. To easily estimate this value, eq. 2-27 may be 
used. This relationship was developed from a wide variety of biomass types, and is dependent 
upon the ultimate and proximate analyses of a feedstock.
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                                                       (2-27) 
Where: 
 HHVdry  = Higher heating value (MJ/kg) 
 C  = Percentage by mass of carbon in dry biomass 
 H  = Percentage by mass of hydrogen in dry biomass 
 S  = Percentage by mass of sulfur in dry biomass 
 O  = Percentage by mass of oxygen in dry biomass 
 N  = Percentage by mass of nitrogen in dry biomass 
 A  = Percentage by mass of ash in dry biomass 
 
 
 
 The lower heating values (LHV) of organic materials may also be helpful. LHV differs 
from HHV by taking into account the latent heat of vaporization of water. The HHV assumes 
that water formed is condensed, while the LHV assumes that all water formed is vaporized. A 
relationship for HHV was developed from a wide range of biomass, and is shown in eq. 2-28.
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              (2-28) 
Where: 
 LHVdaf  = Lower heating value of fuel on a daf basis (Btu/lb) 
 C  = Mass fraction of carbon in fuel on a daf basis 
 H  = Mass fraction of hydrogen in fuel on a daf basis 
 O  = Mass fraction of oxygen in fuel on a daf basis 
 Cl  = Mass fraction of chlorine in fuel on a daf basis 
 S  = Mass fraction of sulfur in fuel on a daf basis 
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 The above relationships can be useful in determining the energy recovery from a 
gasification process. With the final syngas composition known (or predicted), the heating value 
of the syngas can be calculated, using values found in Appendix B, as shown in eq. 2-29. The 
LHV of the syngas can be similarly calculated. 
 
                    
 
   
 (2-29) 
Where: 
 HHVsyngas = Higher heating value of syngas (kJ/gmol) 
 fj   = Molar fraction of syngas component j 
 HHVj   = Higher heating value of syngas component j (kJ/gmol) 
 j   = Combustible syngas component (H2, CH4, C6H6, C6H6O, C10H8, NH3, and CO) 
 
 The observed energy recovery can then be calculated using eq. 2-30. It is noted that if the 
HHV of the fuel is used in this calculation, the heat needed to vaporize the free biomass moisture 
must be included as well. 
 
            
                                                 
                                
     (2-30) 
Where: 
 Energy Rec.  = Percentage of the heating value of the incoming biosolids recovered 
 Sensible Heat of Syngas = Heat associated with the temperature of the syngas (kJ/gmol) 
 Heating Value of Syngas = Heat associated with combustion of the syngas (kJ/gmol) 
 Q   = Molar Flow Rate of the Syngas (gmol/s) 
 Heating Value of Biosolids= Heat available from the use of the biosolids as a fuel (kJ/g) 
 ṁbio   = Mass rate of incoming biosolids (g/s) 
 
 
 
2.7 Conclusions 
 A chemical kinetic model may be the most useful approach in the accurate depiction of 
gasification. The initial stages of gasification may be represented by either a kinetic scheme, or a 
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complete and instantaneous (equilibrium) scheme, although the data available for the former are 
based largely on the pyrolysis of woody biomass, and may not be applicable to sewage sludge 
devolatilization. Following the initial stages of gasification, it is important to include the most 
prominent reactions that are expected to occur within a gasifier. 
 It can be expected that where air enters the gasifier, the free oxygen available will oxidize 
the reduced components from biomass devolatilization. The products of this oxidation may be 
subsequently reduced in the sections of the gasifier where no free oxygen is assumed to be 
present. The mass and energy balances within each idealized reactor provide the structure of a 
working model, while the reactions and devolatilization scheme determine model behavior. The 
development of the author’s kinetic-based model is discussed in the following section.  
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3.1 Abstract 
 In an effort to decrease the land-disposal of sewage sludge biosolids and to recover 
energy, gasification has become a viable option for the treatment of biosolids. A mathematical 
model was developed using published devolatilization, oxidation, and reduction reactions, and 
validated using data from 3 different studies of sewage sludge gasifiers reported in the literature. 
The model agrees well with the literature data and predicts syngas production rate and 
composition as functions of the biosolids composition and feed rate, the air input rate, and 
gasifier operating temperature. 
3.2 Introduction 
 Gasification is the conversion of organic feedstock into a synthetic gaseous fuel at high 
temperatures using a limited amount of air. The gaseous fuel produced by a gasifier is referred to 
as syngas or producer gas. Gasification lies between combustion and pyrolysis, and is a process 
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which utilizes a sub-stoichiometric amount of oxygen for partial oxidation of the feedstock. This 
in turn provides heat for the largely endothermic reduction reactions that produce the syngas, as 
well as the initial devolatilization of the biomass within the gasifier. 
 Gasification is an efficient process for reducing the volume of waste, and is a process 
capable of delivering net energy gains.
1,2
 The remaining solids from the process are comprised of 
the mineral ash that was contained in the feed and small amounts of organic ash, principally 
unreacted carbon (char). It is estimated that 7.2 million dry tons of sewage sludge and 5.5 million 
tons of paper mill sludge are generated annually in the United States.
3
 About 45% of the sewage 
sludge is disposed of in landfills, surface disposal units, and incineration facilities, while 65% of 
the paper mill sludge is landfilled. The remaining amounts are used in agronomic and land 
restoration projects.
1
 Deriving energy from the gasification of biosolids is an attractive 
alternative compared with land application. 
 When dried to between 5% and 10% moisture, this waste typically has a higher heating 
value of 11,000-17,200 kJ/kg (4,730-7,380 Btu/lb).
4
 A fluidized-bed gasifier is versatile and can 
in theory gasify any biomass, although high moisture content and the ash fusion temperatures of 
a feedstock may limit it’s potential. Proper feed preparation, design of the feed system, and good 
mixing in the gasifier are common concerns.
1
 
 Once the biosolids are gasified, the treated syngas may be utilized in natural gas engines 
and turbines, though tars or particulate matter can cause operational problems in downstream 
equipment and turbines.
5
 Commonly, the syngas is routed through a cyclone for particulate 
matter (PM) removal, and then the gas is combusted in a thermal oxidizer. The heat produced by 
combustion may be used to produce steam, heat the facility, or to dry the incoming sewage 
sludge. 
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3.3 Scope 
 A 1-dimensional, non-isothermal thermo-chemical model was developed to predict the 
syngas rate and composition from a commercial-scale bubbling fluidized-bed gasifier, using 
dried biosolids as a feedstock. Certain specific design data for the gasifier were provided by 
Maxwest Environmental Systems, Inc.
6
 Detailed kinetic and operational data from various 
laboratory studies were obtained from the literature, and used to develop and validate the model. 
 A bubbling fluidized-bed typically has gas velocities of 1.0-1.5 m/s (3.3-4.9 ft/s), 
compared to 4.0-7.0 m/s (13-23 ft/s) for a circulating fluidized-bed.
7
 The inputs for the model 
include the proximate analysis (moisture, ash, and organic content on an as-received basis) and 
the ultimate analysis of the biosolids (carbon, hydrogen, oxygen, nitrogen, sulfur, and chlorine 
on a dry, ash-free basis), as well as the operating and design parameters of the gasifier (fuel feed 
rate and temperature, dry air feed rate and temperature, and gasifier dimensions). 
3.4 Model Development 
3.4.1 Overview 
 Two main approaches have been used in the modeling of a gasifier. Thermodynamic 
equilibrium modeling offers simplicity and requires only chemical reaction equilibria data. The 
equilibrium approach is not dependent on flow regime, mixing or residence times, and assumes 
that all the gas-phase shift reactions reach equilibrium, thereby overestimating syngas quality 
and carbon conversion.
2
 Chemical kinetic modeling requires more data (chemical kinetics, 
gasifier dimensions, and flow-regime). However, it is considered to be more accurate and robust, 
and is better suited to the temperatures of a fluidized-bed gasifier.
7
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 Three zones are defined within our model of the gasifier: Drying and Devolatilization 
(DD), Oxidation (OX), and Reduction (RED). Although distinctly different environments can be 
difficult to define in a fluidized-bed, it is common to model the initial devolatilization as 
complete and instantaneous.
8,9,10
 
 The further oxidation and reduction of the volatiles are modeled using ten continuously 
stirred tank reactors (CSTRs) - five in the OX zone, and five in the RED zone. Fifteen reactions 
(see Tables 4 and 5) were chosen from the literature, and within each CSTR eighteen 
simultaneous equations account for the mass balances of fourteen gaseous species, two solid 
species (char and ash), a total molar balance for the gas stream, and an energy balance for the 
CSTR. 
 The Newton-Raphson method is utilized (using MATLAB) to close each elemental 
material balance and the reactor energy balance, and predict gas composition and temperature in 
each CSTR. Biosolids and air enter at the bottom of the gasifier, and the syngas and ash exit 
from the top. All elements (C, H, O, S, Cl, N) and mineral ash are balanced by mass. The syngas 
and ash outputs from the gasifier are predicted in detail, to include composition and temperature. 
Some of the kinetic constants (certain pre-exponential terms) from the literature were modified 
to better fit our model to published experimental data (these adjustments will be discussed in 
detail in a later section). A unique feature of this model is the inclusion of the prominent water-
gas shift reaction in both the reduction zone and the oxidation zone, thereby allowing one of the 
most important reactions to occur throughout the entire gasifier. 
 Though the bed solids are well mixed in a fluidized-bed, the gases remain generally in a 
plug-flow regime, with air entering from the bottom and the producer gas leaving from the 
top.
9,11
 An approximation of this plug-flow behavior is modeled with CSTRs in series. Although 
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in practice air is fed at the bottom of a gasifier, the DD zone is modeled as the first zone, and air 
is modeled as entering into the first CSTR along with the material exiting from the DD zone. The 
freeboard space in the gasifier above the top of the fluidized bed is considered to be inactive, and 
no further reactions occur after the gases leave the final CSTR in the RED zone.
10
 An overview 
of the model is shown in Figure 3-1.  
 
  
Figure 3-1. Overview of the Gasification Model 
 
3.4.2 Drying and Devolatilization (DD) Zone 
 The dried sewage sludge enters the DD zone where free moisture is vaporized and the 
sludge undergoes rapid decomposition to various products in the absence of oxygen 
(pyrolysis).
12
 Due to the high heat transfer in a fluidized-bed, it is expected that the biomass 
particles are pyrolyzed before moving deep into in the bed.
13
 The heat necessary for this drying 
and devolatilization is provided by the exothermic reactions in the OX zone of the gasifier. The 
products of pyrolysis were determined from the literature, and a devolatilization scheme was 
developed to ensure mass balance within the gasifier, and to allow the production of both solids 
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and gases in the DD zone. The process is assumed to occur in two major steps. The first step 
separates the feed into mineral ash, organic ash, and volatiles, as shown in Figure 2, and is 
discussed in the next two paragraphs. 
3.4.2.1 Ash Formation 
 The mineral ash content of the sewage sludge is considered to be inert throughout the 
gasifier. Of the biomass remaining after separation of the mineral ash, fractions of each element 
(C, H, O, S, N, and Cl) are fated to form organic ash. With the exception of carbon, the elements 
in the organic ash are assumed to remain constant throughout the gasifier. The rates of carbon 
oxidation and reduction reactions will affect the final ash carbon content. With a lower carbon 
conversion within the gasifier, the final ash composition will contain greater amounts of carbon. 
 The assumed mass distribution factors of elements into the organic ash were based on 
pilot-scale data from a bubbling fluidized-bed gasifier and are shown below in Table 3-1.
14
 For 
example, it is assumed that 8% of the nitrogen and 15% of the sulfur in the dry, mineral-ash free 
(daf) biomass end up in the inert organic ash.  
 
  
Figure 3-2. First-step Devolatilization Logic Diagram 
 
 
Biomass 
C, H, O, N, S, Cl 
Moisture 
H2O 
Dry Biomass 
C, H, O, N, S, Cl 
Mineral Ash 
Organic Ash 
C, H, O, N, S, Cl 
Biomass (dry, 
ash-free) 
C, H, O, N, S, Cl 
Initial Gases 
N2, NH3, HCl, H2S 
Volatiles 1 
C, H, O 
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Table 3-1. Mass percentages of dry, mineral-ash free biomass components to organic ash 
Carbon Hydrogen Oxygen Nitrogen Sulfur Chlorine 
9% 5% 10% 8% 15% 10% 
 
3.4.2.2 Initial Gas Formation 
 In the second major step of the devolatilization process, the remaining biomass (denoted 
as volatiles) is assumed to form gases. First, the remaining organic nitrogen (fuel-N) forms 
ammonia (NH3) or nitrogen gas (N2). The concentration of NH3 in the product gas of a fluidized-
bed gasifier is determined by the nitrogen content of the fuel.
15
 Although water content of a fuel 
may affect the conversion of fuel-N to ammonia (NH3), it was assumed that 60% of the fuel-N is 
converted to NH3.
16
 The remaining fuel-N forms molecular nitrogen (N2). 
 The biomass sulfur (fuel-S) remaining after the organic ash separation was assumed to 
form hydrogen sulfide gas (H2S) due to the reducing environment of the gasifier. All remaining 
chlorine was assumed to form hydrogen chloride gas (HCl).
15
 Once formed, HCl, NH3, and H2S 
were assumed to be inert throughout the rest of the gasifier.
17
 
3.4.2.3 Dry Gas, Solid Char, and Tar Formation 
 This second step of devolatilization is illustrated in Figure 3-3. The volatile organic 
matter (Volatiles 1) consists solely of carbon, hydrogen, and oxygen (C,H,O). This volatile 
material is assumed to form dry gases, solid char, tar species, ash-bound oxygen, and water 
vapor in a series of distributions. In order to better follow the progress and distribution of the 
C,H,O, the nomenclature “Volatilesi” is used where i is the stage in the distribution process. Five 
different stages (each with decreasing amounts of carbon, hydrogen, and oxygen) exist until all 
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biomass is devolatilized. This stage-wise process was used to ensure mass balance of each 
element. 
 
  
Figure 3-3. Second-step Devolatilization Logic Diagram 
 
 To determine the fate of the products of devolatilization, the authors reviewed three 
literature sources focused on the pyrolysis of biomass. The sources studied the pyrolysis of 
sewage sludge and feedlot manure in a bench scale fluidized-bed reactors, as well as the 
pyrolysis of woody biomass in a lab-scale batch pyrolysis unit (Table 3-2).
18,19,20
 The products of 
pyrolysis (dry gases, char, and tar) are expressed on a mass fraction basis of the biomass volatiles 
(those remaining from first-stage devolatilization). The average values from the three published 
sources were used as distribution factors of volatiles to their respective products (Table 3-2). 
 
Table 3-2. Distribution of Volatiles to Products (mass fractions of Volatiles 1) 
Reference # Volatiles to Dry Gas Volatiles to Char Volatiles to Tar Sum 
18 0.23 0.11 0.66 1.00 
19 0.33 0.19 0.48 1.00 
20 0.25 0.07 0.68 1.00 
Average: 0.27 0.12 0.61 1.00 
 
Volatiles 1 
C, H, O 
Dry Gases 
CO, CO2, H2, CH4 
Solid Char 
C 
Volatiles 2 
C, H, O 
Phenol 
C6H6O 
Volatiles 3 
C, H, O 
Benzene 
C6H6 
Volatiles 4 
Volatiles 5a 
C, O 
If C > O 
CO, char 
If O > C 
CO, ash-O 
If O = C 
CO 
Volatiles 5b 
H, O 
If H/2 > O 
H2O, H2 
If O > H/2 
H2O, ash-O 
If H/2 = O 
H2O 
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 The dry gas constituents produced in devolatilization are modeled as carbon monoxide 
(CO), carbon dioxide (CO2), methane (CH4), and hydrogen (H2), as these are the principle dry 
gas species formed in biomass pyrolysis. Three references focused on the pyrolysis of sewage 
sludge, and one reference studying the pyrolysis of feedlot manure were reviewed to find the 
expected composition of the dry gas formed during devolatilization of sewage sludge in a 
gasifier. The values reported are shown in Table 3-3.
15,18,19,21
 Once these products were formed, 
the remaining masses of carbon, hydrogen, and oxygen (Volatiles 2) were recalculated, and the 
next stage of devolatilization (tar formation) began. 
 
Table 3-3. Composition of Dry Gas from Biomass Pyrolysis (mass percentages of gas 
species) 
Reference # CO CO2 CH4 H2 Sum 
15 33.4 43.8 18.8 4.00 100.0 
18 38.7 49.7 9.46 2.18 100.0 
19 18.8 71.8 8.68 0.73 100.0 
21 48.3 32.7 12.65 6.38 100.0 
Average: 34.8 49.5 12.4 3.30 100.0 
 
 Although dozens of tar species are present in producer gas, benzene, phenol, and 
naphthalene are among the most prominent species and have been previously used in biomass 
gasification modeling.
15
 Only phenol and benzene are assumed to form initially. Phenol (C6H6O) 
is assumed to form first, followed by benzene (C6H6), to ensure a mass balance of the remaining 
volatiles. Naphthalene is not assumed to form in this zone, but is rather a product of tar reduction 
(Rxn. T1). The ratio of benzene to phenol was set as 3:1 by mass.
15,17
 
 The amount of benzene that is formed is dependent upon either the remaining carbon or 
the remaining hydrogen (after formation of dry gas, char, and phenol), and ultimately upon the 
biomass composition. Once either all the carbon or all the hydrogen is used up in forming 
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phenol, the remaining elements (Volatiles 5a or 5b) will form products. If only C and O remain, 
they are assumed to form CO, char, or ash-bound oxygen; if only H and O remain, they are 
assumed to form H2O, H2, or ash-O. The fate of oxygen to ash is reasonable, considering the 
high amount of oxides found in gasification ash.
14
 These steps and the order in which they occur 
ensure a mass balance with the DD zone. The gases, solid char, tar, and ash flow upwards from 
the DD zone to the oxidation zone. 
3.4.2.4 Dry Gas Formation Assumptions 
 During initial testing of the model using the averaged dry gas formation values from 
Table 3-3, the model produced a relatively flat trend for methane concentrations in the syngas 
exiting the gasifier. When normalized to the five final principle gas species excluding N2 and 
H2O (CO, CO2, CH4, H2, and C6H6), the model predicted values between 10.7 and 18.7% for 
CH4, while literature values were in the range of 6.9 to 22.9%.  To improve the fit of predicted 
methane values to the literature values, a modification was included to vary the initial formation 
of dry gases, depending on the ratio of daf fuel-H to daf fuel-C. 
 A higher fuel-H to fuel-C ratio is expected to result in increased formation of H2 and CH4 
in the DD zone, as evidenced by previous studies.
22,23
 In the model, the mass percentage of 
volatiles going to H2 ranged from 0.5% to 3.2%, while the CH4 numbers varied from 5.0 and 
50%. The H2 values agree well with those in Table 3-3, while the range of CH4 values varied 
significantly from the literature.  
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3.4.3 Kinetic Foundations 
3.4.3.1 Mass and energy balances 
 As previously stated, both the oxidation and reduction zones are each modeled using five 
continuously stirred tank reactors (CSTRs) in series. Within each CSTR, the solids and gases are 
completely mixed and the temperature is uniform. Hydrodynamic influences are ignored, as at 
temperatures below 900°C, reaction rates are relatively slow when compared to mass transfer 
within a fluidized-bed, and thereby dictate the speed of the process.
24,25
 
 Within each reactor, eighteen simultaneous equations account for the mass balances of 
fourteen gaseous species (O2, CO, CO2, H2, CH4, H2O, C6H6, C6H6O, C10H8, NH3, HCl, H2S, N2, 
and Ar), two solid species (char and ash), a total molar balance for the syngas, and an energy 
balance for the CSTR. 
 An example of a species mass balance is shown in Equation 3-1. 
 
                                 (3-1) 
Where: 
 yvi,j = Solution vector minimized by Newton-Raphson method for species j balance in reactor i 
 ṅin,i,j = Molar flow rate of species j entering reactor i (gmol/s) 
 ṅout,i,j = Molar flow rate of species j exiting reactor i (gmol/s) 
 ri,j = Destruction or consumption rate of species j by the sum of all reactions combined in reactor i  
   (gmol/m
3
-s) 
 Vi = Volume of reactor i (m
3
) 
 
 As the solution vector yvi,j is minimized, the mass balance in zone i for species j 
approaches closure. An error tolerance is defined within the model, and results in an average 
computational error in the gas compositions of 0.0005%. 
 52 
 
 The energy balance is one of the 18 simultaneous equations within each CSTR, and 
accounts for heat entering and exiting with the gases and solids, the sum of the heat of reactions, 
and an assumed heat loss. Another term is included in the energy balances for each of the five 
oxidation zones, and represents the heat required for the drying and devolatilization of the 
biomass. 
3.4.4 Oxidation (OX) Zone 
3.4.4.1 Introduction 
 The oxidation (OX) zone is defined as the portion of the gasifier where molecular oxygen 
has not been completely consumed yet. Air is introduced into the first CSTR of the OX zone and 
is assumed to mix completely and instantaneously with the solid char, gases, and ash exiting 
from the DD zone. The term commonly used to express the amount of air provided to a gasifier 
is the equivalence ratio (ER). The ER is dimensionless and defined as: 
 
    
           
                 
 (3-2) 
Where: 
 O2 Supplied   = Mass flow rate of free oxygen into the gasifier (lbs/hr) 
 Theor. O2 Required  = Theoretical amount of oxygen needed for complete combustion of   
     feedstock (lbs/hr) 
 
 The calculation of the theoretical amount of oxygen required for complete combustion 
usually assumes that: all the fuel carbon (fuel-C) would be oxidized to CO2, halogens would 
form acids using fuel-H (H + Cl → HCl), the remaining fuel-H would be oxidized to H2O, all the 
fuel-N would form N2, and fuel-S would be oxidized to SO2.
26
 
 53 
 
3.4.4.2 Oxidation Zone Kinetics 
 The OX zone reactions (see Tables 3-4 and 3-5) are modeled with the oxidation of char, 
CO, CH4, H2 (Rxns. 1-4), as well as the oxidation of the tar species (Rxns. T5-T7). The kinetic 
parameters for these reactions were obtained from various published sources pertaining to the 
gasification of biomass in a fluidized-bed, as shown in Table 3-4.
15,31,32,33
 Values relevant to tar 
reactions are shown in Table 3-5.
18,30,34,35,36
 A unique feature of this model is the inclusion of the 
water-gas shift reaction in both the OX and RED zones. 
3.4.5 Reduction (RED) Zone 
3.4.5.1 Introduction 
 Reduction reactions are those which most influence the quality of a producer gas. In this 
zone, a number of prominent reactions produce combustible components from the products of 
oxidation. The water-gas shift reaction (Rxn. 6) is one of the most well-known, wherein H2 is 
produced through the reduction of H2O. The Boudouard reaction (Rxn. 7) is important in the 
formation of CO from solid char and CO2. The steam reforming reaction (Rxn. 5), methanation 
reaction (Rxn. 8), and tar reduction reactions (Rxns. T1-T4) are also modeled. 
3.4.5.2 Reduction Zone Kinetics 
 Reactions 6 and 8 are shift reactions. The products of these reactions may be those on 
either the left or right hand side of their expression, and the production rates will vary in 
accordance to gas composition and temperature. Equilibrium constants for these various 
reactions were obtained from the literature. Inhibition relationships were reported for some tar 
reactions, as increased H2 concentrations inhibit the reduction of tars.
24
 These inhibitory 
relationships are expressed as the negative exponents in Reactions T3 and T4.  
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Table 3-4. Reactions of the Primary Species Utilized in the Model 
# Reaction Rate Expression Lit. k Model k 
1 αC (s) + O2 → 2(α-1) CO + (2-α) CO2 
        
              
   
 
  
     
  
    
   
with             
            
   
29.8 2.98*10
-1
 
2 CO + 0.5 O2 → CO2        
              
          
         
     
1.78*10
10
 8.90*10
9
 
3 CH4 + 0.5 O2 → CO + 2 H2        
              
       
       
    
1.58*10
12
 7.90*10
10
 
4 H2 + 0.5 O2 → H2O        
              
           
1.08*10
7
 5.40*10
7
 
5 C (s) + 1.2 H2O → 0.8 CO + 0.2 CO2 + 1.2 H2 
   
    
              
  
  
  
     
                               
 
              
             
   
              
             
   
             
   
             
   
        
 
   
 
     
       
2.39*10
2
 2.39 
6 H2O + CO ↔ H2 + CO2 
       
             
             
         
  
  
          
            
   
2.78*10
-1
 2.78*10
-2
 
7 C (s) + CO2 → 2 CO 
   
    
              
  
  
  
     
                  
 
              
            
             
   
3.18*10
7
 3.18*10
5
 
8 H2O + CH4 ↔ CO + 3 H2 
       
   
             
  
 
      
           
 
        
 
  
      
            
   
                
   
4.92*10
-11
 4.92*10
-11
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Table 3-5. Tar Reactions Utilized in the Model 
# Reaction Rate Expression Lit. k Model k 
T1 
C6H6O → CO + 0.4 C10H8 + 0.15 C6H6 + 0.1 CH4 + 
0.75 H2 
         
              
          
10
7
 10
7
 
T2 C6H6O + 3 H2O → 4 CO + 2 CH4 + 2 H2          
              
          10
7
 10
7
 
T3 
C10H8 → 7.38 C (s) + 0.275 C6H6 + 0.97 CH4 + 1.235 
H2 
         
              
         
       
     
1.70*10
14
 1.70*10
14
 
T4 C6H6 + 2 H2O → 1.5 C (s) + 2.5 CH4 + 2 CO          
              
        
       
         
    2.00*10
16
 1.00*10
21
 
T5 C6H6O + 4 O2 → 3 H2O + 6 CO           
             
         
        655 6.55*10
-1
 
T6 C6H6 + 4.5 O2 → 3 H2O + 6 CO          
              
        
        
     2.40*10
11
 1.20*10
7
 
T7 C10H8 + 7 O2 → 4 H2O + 10 CO           
             
         
        665 6.65*10
-1
 
 
Table 3-6. Proximate Analyses of Literature Sludge (Mass %, As-received) 
Reference Moisture Ash Organics 
de Andrés et al., 2011 ( )
27
 6.95 41.0 52.1 
Kang et al., 2011 ( )
28
 6.20 25.4 68.5 
Manyá et al., 2006 ( )
29
 8.90 42.1 49.0 
Average 7.33 36.2 56.5 
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3.5 Modification of Kinetic Parameters 
 Many of the kinetic parameters found in the literature were developed from gasification 
studies of wood and other similar biomass. The authors found no published studies that reported 
kinetic data on individual reactions from biosolids gasification, but we did find three excellent 
experimental studies that reported on the products of sewage sludge bubbling fluidized-bed 
gasifiers.
27,28,29
 After initial formulation of the model, its performance was compared with a 
subset of data from those three studies. The proximate and ultimate analyses of the sewage 
sludges used in those studies are listed in Tables 3-6 and 3-7. Initially the model did not predict 
well, and modifications to some of the kinetic parameters were deemed necessary. Of the 28 
available data points from the three literature sources, 18 points were selected at random and 
were used to adjust the kinetic constants in our model. For each point, the relevant biomass 
composition, bed temperature, and equivalence ratio were used as inputs, while keeping gasifier 
dimensions, biomass and air temperatures, and assumed gasifier heat loss constant. 
 Large changes were made to the kinetic constants for the oxidation reactions of tars and 
methane. Since few global kinetic schemes are available for tars, the authors chose a widely cited 
source (but whose work was at higher temperatures).
30
 The values for benzene, phenol, and 
naphthalene oxidization were derived from high-temperature, high-pressure shock-tube 
experiments, and likely do not translate directly to the oxygen-starved atmosphere of a gasifier. 
Thus, the reactions were expected to be much slower within a gasifier. 
 Methane oxidation was slowed, as using the original kinetic parameters along with the 
high concentrations of CH4 within the gasifier led to its rapid depletion and produced modeled 
CH4 concentrations that were much lower than those observed in published experimental results. 
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 The pre-exponential terms for the steam reforming reaction and Boudouard reaction were 
both decreased by a factor of 100, and the water-gas shift reaction was slowed by a factor of 10 
in order to create a model that reasonably matched the experimental results. Due to the derivation 
of these kinetic constants from other types of biomass including wood and rice husks, it is not 
unreasonable to expect them to vary considerably for sewage sludge. 
 The largest variation between model and literature kinetic parameters is observed in the 
reduction reaction of benzene (Rxn. T4). This value was derived from experiments using 
pyrolysis products of fuel coke at temperatures over 2000°F in a quartz tube, and represents the 
reaction in a very different environment than a gasifier.
35
 Using the benzene kinetics as 
originally reported, the model tended to rapidly deplete this tar component, though producer gas 
from a biomass gasifier is expected to contain substantial amounts of tar. Therefore, the reactions 
consuming tar species were slowed for our model.  
 In comparing model predictions to the experimental data from the literature, focus was 
placed on the five principle gaseous species: CO2, CO, H2, CH4, and C6H6, with the gaseous 
concentration values normalized to make any differences more noticeable. The sum of the 
average absolute errors (ΣAAE) was minimized in an effort to develop the “best fit” model. The 
equation for ΣAAE is defined in Equation 3-3, while the graphs comparing the model values 
using modified kinetic parameters to the dependent data are shown in Figure 3-4.   
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Figure 3-4. Model Development – Comparisons of Model Values with Literature Data  
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 (3-3) 
Where: 
 ΣAAE  = Sum of average absolute errors between model predictions and literature values 
 Model   = Value of gas concentration predicted by model, normalized (% by volume) 
 Literature  = Value of gas concentration reported in the literature, normalized (% by volume) 
 i   = Gaseous specie used in comparison (CO2, CO, H2, CH4, or C6H6
)
 
 
3.5.1 Model Validation 
 Upon minimization of the error between 18 points from literature and model values, the 
remaining 10 data points from the literature were used as independent data for final model 
performance comparison, as seen in Figure 3-5. Using these data, statistical analysis was 
performed using paired t-tests for each of the five principle gaseous species. Utilizing two-tail 
tests and raw differences between values, the authors were unable to show a significant 
difference in the means of the samples (literature and model), at 95% confidence. However, 
consistent trends of both under-prediction and over-prediction (as seen from values of benzene in 
Figure 3-5) are difficult to capture using a t-test, as the positive and negative differences will 
cancel out and provide a “good fit.”37A histogram of the relative differences (between model 
values and all literature values) is shown in Figure 3-6. In this figure, the outliers are largely 
predicted tar concentrations. Tars are important for gasifier operation, but difficult to measure. 
Condensation of the tar in quench pots and subsequent analysis of the condensate is required. 
Due to relatively small magnitudes as well, the measurement of tar concentrations may lead to 
large errors. 
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3.5.2 Sensitivity Analysis 
 Using the averaged biomass compositions of the three literature sources previously 
referenced, a sensitivity analysis was performed to observe the effects of bed temperature and 
equivalence ratio on syngas composition.
27, 28, 29
 The base-case biomass composition is 
comprised of the averaged values shown in Tables 3-6 and 3-7. The base-case operating 
temperature and ER are 1000 K (1340°F) and 0.30 respectively. 
 
Table 3-7. Ultimate Analyses of Literature Sludge (Mass %, Dry Ash-free) 
Reference Carbon Hydrogen Oxygen Nitrogen Sulfur Chlorine 
de Andrés et al., 2011 
( )
27
 
48.8 8.57 33.8 7.31 1.61 0 
Kang et al., 2011 ( )
28
 39.7 6.09 47.5 5.44 1.24 0 
Manyá et al., 2006 ( )
29
 55.3 6.70 28.1 8.15 1.75 0 
Average 47.9 7.12 36.5 6.97 1.53 0 
 
 The results from this analysis, as well as the effects of gasifier temperature and ER on 
energy recovery are shown in Table 8. These data assume an as-received biosolids feed rate of 
544 kg/hr (1200 lbs/hr), a biosolids temperature of 300 K (80°F), an air temperature of 370 K 
(206°F) (heated by a blower), and an assumed gasifier heat loss of 1.0%. The energy recovery 
value is calculated using the higher heating value (HHV) of the syngas, and represents the 
potential heat produced from the combustion of the producer gas in kilowatts. The syngas HHV 
varies with gas composition, and increases with greater concentrations of combustibles. Energy 
recovery is also related directly to the syngas flow rate. The energy recovery does not include the 
potential for reburn of the carbon-content of the ash. The highest energy recovery was observed 
at relatively low ER and high gasifier temperature (ER=0.25, T=1050 K).  
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Figure 3-5. Model Validation - Comparisons of Model Predictions with Literature Data  
 62 
 
                                    (3-4) 
Where: 
 Energy recovery  = Potential power output of syngas stream (kW) 
 ṅsyngas   = Molar flow rate of syngas exiting gasifier (gmol/s) 
 HHVsyngas  = Higher heating value of syngas exiting gasifier (kJ/gmol) 
 
 
* Relative Difference = (Literature Value - Model Value)/(Literature Value) 
Figure 3-6. Histogram of Relative Differences* between Model and Literature Values 
 
3.6 Discussion 
 A mathematical model can be important for design and operational purposes. While 
considering alternative sources of sludge (from cities, municipalities, etc.), the model can be run 
to predict changes in syngas quality and subsequently energy recovery from the waste. An 
exploration of the effects of operating parameters and biomass composition was performed using 
the model, and trends observed are discussed below. 
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3.6.1 Operating Parameters 
3.6.1.1 Effects of Bed Temperature 
 Higher quality syngas is expected at higher temperatures due to faster reaction kinetics 
and increased product formation from endothermic reactions due to Le Chatelier’s principle.8 By 
increasing gasifier temperature from 950 to 1050 K, syngas H2 concentration increased by an 
average of 88% at ERs of 0.25, 0.30, and 0.35. This is in agreement with markedly increased H2 
levels at higher gasification temperatures found by other authors.
8, 23
 However, CH4 
concentrations were observed to decrease by an average of 25%, and CO2 concentrations 
increased by an average of 11% in this same temperature range. The higher heating value (HHV) 
of the syngas increased 11%, and energy recovery 12% on average. It is observed that higher 
temperatures further drive reduction reactions and tar cracking, and increase syngas quality. 
However, in commercial practice, temperature is controlled by the ER of the gasifier and is not 
independently controlled as it can be in laboratory studies.
11
 
3.6.1.2 Effects of ER 
 An ER that is too high will result in a lower quality syngas due to excessive oxidation of 
combustible species, as well as the dilution of the syngas with N2.
38
 However, with increased 
combustion, higher temperatures further drive the productive reduction reactions, as previously 
discussed. When increasing ER from 0.25 to 0.35, the model predicts lower concentrations of 
combustibles: 23% lower H2, 25% lower CH4, and 8.6% lower CO, on average, at gasifier 
temperatures of ranging from 950 to 1050 K. This is due to the increased combustion of char (as 
opposed to reduction).
13
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3.6.2 Sewage Sludge Composition 
 Although sludge composition is often an independent variable that depends upon facility 
location and local industry, an understanding of the effects of biomass composition on gasifier 
operation will help in design. For a commercial-scale gasification facility, new sources of waste 
biosolids bring some uncertainty in the performance of their process. The effects of four biomass 
parameters on syngas quality were explored by exercising the model. 
3.6.2.1 Moisture Content 
 More moisture in the feedstock results in a lower bed temperature, as a significant 
amount of energy is required to heat and vaporize the free water.
23
 However, increased 
concentration of water vapor may result in the formation of more H2. With 20% additional 
moisture in the feedstock (and all other proximate analysis values decreased accordingly), H2 
concentration increased 1.4%, though energy recovery decreased 1.0%. 
 With a 20% dryer feedstock, the model predicted small variations in most combustible 
species’ concentrations (less than 1.5% change in CO, CO2, CH4, and H2), and slightly higher 
HHV of the syngas (1.0% increase). However, due to the lower moisture content, a higher 
syngas flow rate was estimated and the overall energy recovery increased 1.1%. 
3.6.2.2 Ash Content 
 Higher amounts of ash are detrimental to the performance of a gasifier, and act solely as a 
heat sink. Operational concerns also arise, as more ash must be conveyed from the cyclone 
dropout, and ash agglomeration issues (“clinkers”) may be amplified. Agglomeration is related to 
the fusion temperature of the ash and is dependent upon both biomass and ash compositions. 
 65 
 
Table 3-8. Effects of Temperature and ER on Syngas Composition (% by volume), Energy Content and Carbon Conversion  
Temperature ER CO CO2 CH4 H2 Tars H2O 
N2 
Balance 
HHV 
(kJ/mol) 
Energy 
(kW) 
C 
Conversion 
950 K (1250 °F) 
0.25 5.18 12.0 3.74 3.69 1.32 21.4 52.7 112 958 76.8% 
0.30 5.36 11.9 3.30 3.22 0.82 20.2 55.2 89.8 871 76.7% 
0.35 5.61 11.8 2.96 2.88 0.41 19.3 57.1 72.2 781 76.7% 
1000 K (1340 °F) 
0.25 4.40 12.8 3.16 4.99 1.57 20.4 52.6 117 1000 79.3% 
0.30 4.14 13.0 2.76 4.31 1.09 19.4 55.3 93.6 906 79.2% 
0.35 3.98 13.1 2.45 3.82 0.70 18.6 57.3 75.4 811 79.2% 
1050 K (1430 °F) 
0.25 5.59 12.9 3.02 6.98 1.51 18.3 51.7 123 1080 82.6% 
0.30 4.80 13.2 2.45 6.04 1.15 17.8 54.6 99.6 973 82.8% 
0.35 4.23 13.5 2.05 5.35 0.83 17.2 56.9 81.1 880 83.0% 
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3.6.2.3 Carbon Content 
 With 20% greater fuel-C (and all other ultimate analysis values decreased accordingly), 
the syngas CH4 concentration decreased considerably (51%), while CO, CO2, and tar 
concentrations increased 12%, 17%, and 39% respectively. Energy recovery also increased 3.5% 
with the increased fuel-C, and carbon conversion increased 2.3%. 
3.6.2.4 Hydrogen Content 
 The model is sensitive to fuel-H. When the biosolids H content was reduced 20%, CH4 
and H2 concentrations decreased 54% and 18% respectively, syngas HHV decreased 6.4% and 
energy recovery decreased 13%. CO and CO2 concentrations increased 5.3% and 17% 
respectively. With 20% more fuel-H, syngas HHV increased 8.1% and energy recovery 
increased 15%. 
3.7 Conclusions and Future Research 
 A computer model was developed to predict the syngas composition and rate from a 
bubbling fluidized-bed sewage sludge gasifier based on biosolids composition and input rate, air 
input rate, and other operating parameters. A kinetic reaction mechanism was chosen for gas-
phase and char oxidation and reduction reactions, while an “instantaneous and complete” drying 
and devolatilization mechanism was developed to represent the initial steps of gasification. 
 Upon initial development using literature-based kinetics from other types of biomass, the 
model initially did not compare well to literature values for a fluidized-bed biosolids gasifier. 
However, after adjusting the initial distribution factors for the biosolids to dry gases during 
devolatilization, as well as modifying some of the chemical reaction kinetic terms, the model 
 67 
 
agreed well with data from three detailed studies on biosolids gasification reported in the 
literature. 
 This model can be used by gasification facility operators to better predict the effects of a 
new feedstock. The expected syngas quality and energy recovery values may be useful for 
determining whether or not auxiliary fuel will be needed to maintain gasifier bed temperatures. 
Furthermore, by estimating the concentrations of trace gases, combustion modeling can predict 
the flue gases from a coupled gasifier/thermal oxidizer operation, and aid in the design of 
necessary air pollution control devices. 
 Further research into the initial stages of gasification is recommended. Ideally, kinetic 
mechanisms for the pyrolysis of different types of biomass will be developed. Also further study 
of the tar oxidation and reduction kinetics specifically within a biosolids gasifier would be 
beneficial. 
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4. MODEL CALIBRATION AND VALIDATION 
4.1 Introduction 
 This section discusses the process of model calibration, from the selection of appropriate 
data sources, to the metrics used to guide in the modification of certain model parameters. From 
three independent databases reporting the outputs of lab-scale fluidized-bed sewage sludge 
gasifiers, a total of 28 data sets were available.
1,2,3
 Each set included the final composition of the 
syngas produced from the gasifier (CO, CH4, H2, C6H6, CO2, H2O, and other gases), the 
composition of the incoming sewage sludge (proximate and ultimate analyses), the equivalence 
ratio (ER), and bed temperature.
1,2,3
  
 Eighteen of the 28 data sets were chosen at random for model calibration. In this stage, 
the author compared the results of his gasification model with the outputs from the lab-scale 
gasifiers reported in the three literature sources. Modifications were made to the kinetic 
parameters for selected gasification reactions, as well as to the assumed distribution of products 
from the biomass devolatilization in an effort to best fit the model to the available data. 
 Model calibration was an iterative process, wherein these changes to either the kinetics or 
the distribution of products from the biomass devolatilization were made, and the model run to 
attain new output values to compare against the literature. For each comparison, the same 
biomass composition, gasifier temperature, and ER from the literature source were used as inputs 
in the model. Ultimately, the trends of under-prediction and over-prediction of certain species 
provided insight for the succeeding modifications. A base-case model (used for sensitivity 
analysis), an intermediate model, and the final model are discussed in this chapter. 
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4.1.1 Modification of Kinetic Parameters 
 For any modifications to the rate of a reaction, the pre-exponential term was changed. For 
example, the rate expression for the oxidation of H2 is shown in eq. 4-1. Any reaction rate (ri) is 
dependent upon the pre-exponential term (ki), the exponential term (Ea and T), and the 
concentrations of select species. Therefore, by modifying the pre-exponential term for a reaction, 
the reaction rate is affected at all temperatures and specie concentrations. 
 
       
   
           (4-1) 
Where: 
 r4  = Reaction rate of H2 oxidation (mol/m
3
-s) 
 k4 = Pre-exponential term or frequency factor (s
-1
) 
 Ea = Activation energy (J/gmol) 
 R = Universal gas constant (8.314 J/gmol-K) 
 T = Temperature (K) 
 [H2] = Concentration of H2 (mol/m
3
) 
 [O2] = Concentration of O2 (mol/m
3
) 
 
4.1.2 Modification of Drying and Devolatilization Product Formation 
 For modification of the model other than the kinetic rates, the assumptions for the initial 
splitting of the products from the first zone of the gasifier may be altered as well. As discussed 
further in this chapter, the distribution of the dry gases formed in the drying and devolatilization 
zone was eventually modified. 
 In the drying and devolatilization zone, the biomass volatiles are assumed to first form 
dry gas, char, and tar. The initial splitting of volatiles to these three products was assumed to be 
equal to the average of the literature values shown in Table 4-1. 
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Table 4-1. Distribution of Biomass Volatiles to Products (mass fractions) 
Reference # Volatiles to Dry Gas Volatiles to Char Volatiles to Tar Sum 
4 0.23 0.11 0.66 1.00 
5 0.33 0.19 0.48 1.00 
6 0.25 0.07 0.68 1.00 
Average: 0.27 0.12 0.61 1.00 
 
 However, in calibrating the model the composition of the dry gas was modified from 
average literature values. It was initially hypothesized that a greater amount of hydrogen in the 
dry, ash-free (daf) biomass (fuel-H) would lead to higher amounts of methane formed. This 
assumption was useful, though it was found that using a relationship based on the ratio of fuel-H 
to daf biomass carbon (fuel-C) provided superior results in predicting methane production. 
 The literature values for the concentrations of the four principle species in the dry gas are 
shown in Table 4-2. For each of these gases, there is relatively significant variance about the 
mean. This suggests that the dry gas composition from biomass devolatilization can change 
greatly between different processes and feedstock. Using these values as a basis though, the 
modified relationship for this dry gas formation was based on the ultimate analyses of literature 
biosolids, and is discussed further in this chapter. 
 
 Table 4-2. Composition of Dry Gas from Biomass Pyrolysis (mass percentages) 
Reference # CO CO2 CH4 H2 Sum 
4 38.7 49.7 9.46 2.18 100.0 
5 18.8 71.8 8.68 0.73 100.0 
7 33.4 43.8 18.8 4.00 100.0 
8 48.3 32.7 12.7 6.38 100.0 
Average: 34.8 49.5 12.4 3.30 100.0 
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4.2 Model Functionality 
 It was expected that large variations between the rates of different reactions would 
promote unstable model behavior, as warned by one of the faculty committee. The relatively 
rapid rates of methane, char, and especially tar oxidation reactions (based on kinetic constants 
from the literature) when compared to the rates for the other gasification reactions, tended to 
increase the rate of consumption of oxygen by orders of magnitudes, leading to negative values 
for O2 concentration, and subsequently an improperly functioning model. To address the 
computational issue, the rates of char, methane, and benzene oxidation were slowed down before 
model calibration could properly begin. 
4.3 Statistical Methods Used in Model Comparison 
 Throughout model calibration, focus was placed on the concentrations of the five 
principle syngas components (CO, CO2, H2, CH4, and C6H6) by normalizing both literature and 
model data to these five species. These species, apart from CO2, were chosen as they contribute 
most to the heating value of a syngas. The concentration of CO2 in a syngas provides an idea of 
the extent of oxidization of the fuel carbon. 
 These normalized values are larger than the raw values, and thus show more variation in 
response to modified model parameters. An example of an original syngas composition and the 
normalized syngas composition is shown in Table 4-3.  
 
Table 4-3. Comparison of Original and Normalized Values of Syngas (% by volume) 
 
CO CO2 H2 CH4 C6H6 H2O N2 
Trace 
gases 
Gas Sum 
Orig. 4.39 12.9 5.53 2.47 1.13 20.7 49.5 3.38 100 
Norm. 16.6 48.8 21.0 9.38 4.27 - - - 100 
 76 
 
 Goodness of fit of the model was determined using the Normalized Sum of the Squared 
Residuals (NSSR). The NSSR is useful in providing a quantitative measure of model fit, and is 
defined in eq. 4-2. Example calculations for the NSSR using three sample data sets shown in 
Table 4-4 are given in eqs. 4-3 through 4-8. 
 
       
                      
 
              
 
   
  
   
 (4-2) 
Where: 
 NSSR  = Normalized sum of the squared residuals between literature and model values 
 Literature  = Value of gas concentration of specie i reported in the literature for experimental run m,  
    normalized (% by volume) 
 Model   = Value of gas concentration of specie i predicted by model for input parameters of  
    experimental run m, normalized (% by volume) 
 i   = Gaseous specie used in comparison (CO2, CO, H2, CH4, or C6H6)
 
 m   = Data set from the literature 
 
 Using this metric, the fit between model results and literature data is easier to quantify 
and track as various fitting constants are adjusted. However, it is noted that because of the low 
concentrations of tars, the high variations between model and literature values for tar species 
tend to heavily affect the NSSR. For this reason, the Average Absolute Error (AAE) was also 
evaluated during the later stages of model calibration. 
 
Table 4-4. Example Literature and Model Syngas Compositions (percentage by vol., norm.) 
T (K) 1073 1123 1023 
ER 0.20 0.20 0.30 
 Lit
1
 Model Lit
1
 Model Lit
1
 Model 
CO 21.3 21.6 23.0 26.6 19.1 15.3 
CO2 27.1 28.0 23.7 23.1 39.0 43.5 
H2 27.9 29.5 29.9 30.6 21.0 22.1 
CH4 22.9 17.2 22.7 19.0 19.9 15.3 
C6H6 0.9 3.7 0.6 0.7 1.0 3.8 
1) Values from de Andrés et al., 2011. 
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(4-8) 
Where: 
 NSSR3  = Normalized sum of the squared residuals of principle syngas species for 3 data sets 
 NSSRCO  = Normalized sum of the squared residuals of CO values for 3 data sets 
 NSSRCO2 = Normalized sum of the squared residuals of CO2 values for 3 data sets 
 NSSRH2  = Normalized sum of the squared residuals of H2 values for 3 data sets 
 NSSRCH4 = Normalized sum of the squared residuals of CH4 values for 3 data sets 
 NSSRC6H6 = Normalized sum of the squared residuals of C6H6 values for 3 data sets 
 
 The AAE has been shown to be a good indication of model fit when there exists variation 
in orders of magnitudes between points in data sets.
9
 The sum of the errors (ΣAAE) is defined in 
eq. 4-9.  
 
        
                    
             
 
 
   
  
   
 (4-9) 
Where: 
 ΣAAE  = Sum of the average absolute error 
 Literature  = Value of gas concentration of specie i reported in the literature for experimental run m,  
    normalized (% by volume) 
 78 
 
 Model   = Value of gas concentration of specie i predicted by model for input parameters of  
    experimental run m, normalized (% by volume) 
 i   = Gaseous specie used in comparison (CO2, CO, H2, CH4, or C6H6)
 
 m   = Data set from the literature 
 
4.4 Reaction Rate Sensitivity Analysis 
 Once the model was functional, the first step of model calibration was a sensitivity 
analysis to determine the effects of modifying the rates of individual reactions. Again, a focus 
was placed on the concentrations of the five gaseous species of interest (CO, CO2, H2, CH4, and 
C6H6), as well as on the estimated carbon conversion of the gasifier. 
 For the sensitivity analysis, a base-case model was established, using largely literature-
based model parameters. The assumptions for the formation of products from the biomass 
devolatilization were unchanged from the averaged literature values. However, some kinetic pre-
exponential terms were modified. These terms used in the base-case model for the sensitivity 
analysis are shown in Table 4-5. 
 The rates of char, CO, and CH4 oxidation were all slowed down 10 times their original 
(literature) values, while tar reduction reactions were increased 10 times their original literature 
rates. Also for this base-case, tar oxidation reaction rates were modified significantly, and slowed 
down 10,000 times with respect to their original rates for phenol and naphthalene oxidation, and 
1,000 times for benzene oxidation. The kinetic parameters reported in the literature were 
determined from high temperature, shock-tube experiments,
10
 and it was assumed that the 
environment of a gasifier would lead to much slower oxidation of these compounds. 
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Table 4-5. Pre-exponential Terms of Base-case Model Compared to Literature Values 
# Reaction Lit. k Base-case k 
1 Char Oxidation 29.8 2.98 
2 CO Oxidation 1.78*10
10
 1.78*10
9
 
3 CH4 Oxidation 1.58*10
12
 1.58*10
11
 
4 H2 Oxidation 1.08*10
7
 1.08*10
7
 
5 Steam reforming of carbon 2.39*10
2
 2.39*10
2
 
6 Water-gas shift 2.78*10
-1
 2.78*10
-1
 
7 Boudouard 3.18*10
7
 3.18*10
7
 
8 Methanation 4.92*10
-11
 4.92*10
-11
 
T1 Phenol reduction 10
7
 10
8
 
T2 Phenol steam reduction 10
7
 10
8
 
T3 Naphthalene reduction 1.70*10
14
 1.70*10
15
 
T4 Benzene reduction 2.00*10
16
 2.00*10
17
 
T5 Phenol oxidation 655 655*10
-5
 
T6 Benzene oxidation 2.40*10
11
 2.40*10
7
 
T7 Naphthalene oxidation 665 655*10
-5
 
 
 The sensitivity analysis was performed using the same biomass composition, gasifier 
temperature (1450°F), and ER (0.30) for each run. Only kinetic rates were modified, and these 
were changed one at a time. Since there were 15 reactions modeled, and the author wanted to 
determine the effect of either increasing or decreasing the rate of each reaction, 30 runs were 
necessary for this sensitivity analysis. For each reaction, the pre-exponential term was either 
multiplied or divided by 100 (in comparison to the base-case values in Table 4-5). These 
modifications were made one at a time, and the results from the model were compared against 
the results from the base-case run, shown in Table 4-6. 
 
Table 4-6. Normalized Syngas Composition and Carbon Conversion for Base-case 
CO CO2 H2 CH4 C6H6 H2O Gas Sum Carbon Conv. 
16.3% 24.1% 17.5% 2.68% 3.97% 35.5% 100% 87.6% 
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 The relative differences in the predicted gaseous concentrations and carbon conversion 
between the modified model and the base-case were calculated for run. Equation 4-10 defines the 
relative difference.  
 
                      
                 
     
     (4-10) 
Where: 
 Relative differencei = Percent difference between model predicted value of specie concentration or  
     carbon conversion using modified kinetics, and the base-case predicted  
     value 
 Modifiedi  = Normalized value of specie concentration or carbon conversion, i, using a  
     modified kinetic parameter 
 Basei   = Normalized value of specie concentration or carbon conversion, i, using the  
     base-case kinetic parameters 
 i   = Syngas specie (CO, CO2, H2, CH4, or C6H6) or carbon conversion 
 
 The results from the sensitivity analysis are shown in Tables 4-7 through 4-10. It was 
evident that gas species are greatly affected by their specific oxidation reaction rates. For 
example, when CH4 oxidation was slowed down 100 times from the base-case kinetic value, 
final CH4 concentration exiting the gasification model increased 63%. Similar direct trends were 
observed for CO and H2 as well. The rates of tar oxidation reactions greatly affected the 
concentrations of all principle gaseous species as well, as observed in Table 4-10. 
 As seen in Table 4-8, the steam-reforming reaction and the water-gas shift reaction 
greatly affect syngas quality. A 100 times faster steam-reforming reaction rate results in 29%  
more H2 and 8.4% increased carbon conversion. A 100 times slower water-gas shift reaction 
resulted in a 27% lower concentration of H2.The reduction reactions of phenol were shown to 
greatly affect the final methane concentration predicted by the model, while rates of phenol and 
benzene oxidation reactions largely affected all syngas components (see Tables 4-9 and 4-10).  
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4.5 Intermediate Model Fit 
 Upon observing the results of the sensitivity study, further modifications were made to 
the base-case model. An intermediate formulation of the model, using solely modifications to the 
reaction rates, is presented to show a stage in the model calibration process. The assumptions for 
the splitting of dry gases formed in the devolatilization stage were not modified at this point, and 
may be found in Tables 4-2 and 4-3. 
 
Table 4-7. Gasifier Oxidation Reaction Rate Sensitivity Analysis 
Output 
Parameter 
Char (R1) CO (R2) CH4 (R3) H2 (R4) 
Reaction rate Reaction rate Reaction rate Reaction rate 
x100 ÷100 x100 ÷100 x100 ÷100 x100 ÷100 
CO N/A 5.8% -49.8% 41.5% 0.1% -1.7% N/A 17.9% 
CO2 N/A -4.2% 23.3% -20.5% -2.0% 3.3% N/A -4.2% 
H2 N/A 10.5% -19.1% 11.0% 6.1% -9.7% N/A 35.1% 
CH4 N/A -9.0% 13.7% -19.2% -47.2% 63.2% N/A -13.4% 
C6H6 N/A -14.8% 28.4% -18.6% 5.2% -5.4% N/A -22.7% 
H2O N/A -2.7% 12.3% -7.1% 1.3% -0.9% N/A -19.1% 
Carbon Conv. N/A -3.8% 0.6% -0.2% -0.2% 0.2% N/A -0.1% 
N/A corresponds to model instability when using with the stated reaction rate modification 
Please see Table 3-4 for literature values of reaction kinetic parameters 
 
Table 4-8. Gasifier Reduction Reaction Rate Sensitivity Analysis 
Output 
Parameter 
Steam 
Reform.(R5) 
Water-gas shift 
(R6) 
Boudouard (R7) Methanation (R8) 
Reaction rate Reaction rate Reaction rate Reaction rate 
x100 ÷100 x100 ÷100 x100 ÷100 x100 ÷100 
CO 25.2% -18.1% -30.5% 33.5% 13.9% -0.2% 0.0% 0.0% 
CO2 -3.4% 1.4% 17.3% -21.7% -6.6% 0.1% 0.0% 0.0% 
H2 29.0% -25.0% 9.2% -27.1% -2.0% 0.0% 0.0% 0.0% 
CH4 -5.5% 4.4% 1.9% -0.3% -1.2% 0.0% 0.0% 0.0% 
C6H6 -5.5% 4.4% 8.2% -1.0% -1.2% 0.0% 0.0% 0.0% 
H2O -22.5% 18.8% -3.3% 12.8% -0.7% 0.0% 0.0% 0.0% 
C Conv. 8.4% -6.1% -0.4% 0.4% 1.7% 0.0% 0.0% 0.0% 
N/A corresponds to model instability when using with the stated reaction rate modification 
Please see Table 3-4 for literature values of reaction kinetic parameters 
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Table 4-9. Gasifier Tar Reduction Reaction Rate Sensitivity Analysis 
Output 
Parameter 
Phenol 
(TR1) 
Phenol 
(TR2) 
Naphthalene 
(TR3) 
Benzene 
(TR4) 
Reaction rate Reaction rate Reaction rate Reaction rate 
x100 ÷100 x100 ÷100 x100 ÷100 x100 ÷100 
CO -8.6% 8.5% 8.5% -8.6% 0.0% 0.0% 0.0% 0.0% 
CO2 1.4% -1.5% -1.5% 1.4% 0.0% 0.0% 0.0% 0.0% 
H2 -2.5% 2.2% 2.2% -2.5% 0.1% 0.0% 0.0% 0.0% 
CH4 -45.0% 43.4% 43.4% -45.0% 0.1% 0.0% 0.1% 0.0% 
C6H6 4.3% -4.1% -4.1% 4.3% 0.0% 0.0% 0.0% 0.0% 
H2O 7.1% -6.8% -6.8% 7.1% 0.0% 0.0% 0.0% 0.0% 
Carbon Conv. 0.3% -0.3% -0.3% 0.3% 0.0% 0.0% 0.0% 0.0% 
N/A corresponds to model instability when using with the stated reaction rate modification 
Please see Table 3-5 for literature values of reaction kinetic parameters 
 
Table 4-10. Gasifier Tar Oxidation Reaction Rate Sensitivity Analysis 
Output Parameter 
Phenol 
(TR5) 
Benzene 
(TR6) 
Naphthalene 
(TR7) 
Reaction rate Reaction rate Reaction rate 
x100 ÷100 x100 ÷100 x100 ÷100 
CO 14.7% 2.6% 54.4% -37.7% 0.0% 0.0% 
CO2 -14.3% 0.2% -20.7% 13.5% 0.0% 0.0% 
H2 24.7% -0.3% 41.3% -40.0% 0.0% 0.0% 
CH4 -141.7% 21.9% 53.1% -44.7% 0.0% 0.0% 
C6H6 35.7% -9.3% -70.1% 63.6% 0.0% 0.0% 
H2O -2.6% -1.8% -27.4% 24.1% 0.0% 0.0% 
Carbon Conv. -3.6% 0.4% -4.9% 5.1% 0.0% 0.0% 
N/A corresponds to model instability when using with the stated reaction rate modification  
Please see Table 3-5 for literature values of reaction kinetic parameters 
 
 The kinetic parameters for this intermediate model are shown in Table 4-11. Figure 4-1 
shows graphical comparisons between results from the intermediate model and the literature 
sources for each of the principle gaseous species. On these plots, the values on the x-axis 
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represent normalized literature values, while the values on the y-axis represent normalized 
model-predicted values. Three lines appear on the plots as well. The upper and lower lines are 
2:1 and 1:2 plots (y = 2x and y = ½ x, respectively), while the middle line is a 1:1 plot (y = x). If 
the model results compared exactly with literature data, the points on the graphs would fall on 
the middle (45°) line. If all points fall within the upper and lower lines, the model may be 
assumed to fit the literature data well. 
 The trends observed in Figure 4-1 are a consistent, flat under-prediction of CH4 and over- 
prediction of CO and H2. Furthermore, tar species are very scattered and there seems to be no 
correlation for tar concentrations predicted by the model. It was decided that modifications apart 
from those to the kinetic parameters would be required. The modifications made to the initial 
assumptions of dry gas formation in the devolatilization stage, as well as the model results 
following this modification, are discussed in the following section. 
4.6 Modification of Initial Dry Gas Formation Assumptions 
 The flat trend observed for predicted methane concentrations when compared to literature 
values was a concern. A relationship between the amount of carbon and hydrogen in the 
biomass, and the amount of methane initially formed was developed. It was observed in the 
literature that a higher dry, ash-free (daf) biomass hydrogen to daf biomass carbon (H/C ratio), 
resulted in increased concentrations of syngas CH4.
2,11
 Using the ultimate (daf) analyses of the 
sewage sludges in the three literature sources used for comparison, a similar trend between the 
H/C ratio and final CH4 concentrations was observed. 
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Table 4-11. Pre-exponential Terms of Intermediate Model Compared to Base-case and 
Literature Values 
# Reaction Lit. k Base-case k Intermediate k 
1 Char Oxidation 29.8 2.98 8.94*10
-1
 
2 CO Oxidation 1.78*10
10
 1.78*10
9
 1.78*10
9
 
3 CH4 Oxidation 1.58*10
12
 1.58*10
11
 1.58*10
9
 
4 H2 Oxidation 1.08*10
7
 1.08*10
7
 1.08*10
7
 
5 Steam reforming of carbon 2.39*10
2
 2.39*10
2
 2.39*10
2
 
6 Water-gas shift 2.78*10
-1
 2.78*10
-1
 2.78*10
-2
 
7 Boudouard 3.18*10
7
 3.18*10
7
 3.18*10
7
 
8 Methanation 4.92*10
-11
 4.92*10
-11
 4.92*10
-11
 
T1 Phenol reduction 10
7
 10
8
 10
6
 
T2 Phenol steam reduction 10
7
 10
8
 10
7
 
T3 Naphthalene reduction 1.70*10
14
 1.70*10
15
 1.70*10
14
 
T4 Benzene reduction 2.00*10
16
 2.00*10
17
 2.00*10
16
 
T5 Phenol oxidation 655 655*10
-5
 655*10
-5
 
T6 Benzene oxidation 2.40*10
11
 2.40*10
7
 1.2*10
9
 
T7 Naphthalene oxidation 665 655*10
-5
 655*10
-5
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Figure 4-1. Intermediate Model Calibration Curves 
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 Therefore, the relationship developed for the model was based off of the literature data 
sets. The ultimate analyses of these literature biosolids are shown in Table 4-12. For H/C ratios 
above and below those observed in these data, it was assumed that the formation of dry gases 
from biomass devolatilization remained constant. For values in between the upper and lower 
limits, linear relationships were used to define the concentrations of the dry gases formed from 
initial devolatilization of the biosolids. 
 
4-12. Ultimate Analyses (daf) of Literature Biomasses Used in Model Calibration 
(percentages by mass) 
Reference Carbon Hydrogen Oxygen Remainder Sum H/C 
1 48.8 8.57 33.8 8.83 100 0.176 
2 39.7 6.09 47.5 6.71 100 0.153 
3 55.3 6.70 28.1 9.90 100 0.121 
Average 47.9 7.12 36.5 10.5 100 0.150 
 
 A graphical representation of the relationships developed is shown in Figure 4-2. Here, it 
is evident how the ratio of biomass hydrogen to carbon affects the formation of products from 
the biomass devolatization in the model, and how an increased H/C ratio is assumed to create 
increased amounts of both methane and hydrogen in devolatilization. CO and CO2 were assumed 
to form in a 1:1 ratio (by mass) to comprise the remaining dry gas composition. The upper and 
lower limits of H2 and CH4, concentrations are shown in Table 4-13, while the relationships for 
H2 and CH4 concentrations for values in between the limits are shown in eqs. 4-11 and 4-12. 
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Figure 4-2. Graphical Representation of the Devolatilization Dry Gas Formation 
Relationship 
 
Table 4-13. Lower and Upper Dry Gas H2 and CH4 Concentrations (% by mass) 
H/C H2 CH4 CO CO2 Sum 
< 0.125 0.50 5.00 47.25 47.25 100 
> 0.175 3.20 50.0 23.4 23.4 100 
 
          
 
 
              (4-11) 
 
        
 
 
             (4-12) 
Where: 
 H2   = Percentage by mass of H2 in dry gas products from devolatilization 
 CH4   = Percentage by mass of CH4 in dry gas products from devolatilization 
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 H   = Percentage by mass of hydrogen in daf biomass (from ult. analysis) 
 C   = Percentage by mass of carbon in daf biomass (from ult. analysis) 
 
4.7 Final Model Calibration 
 With the inclusion of modifications to both kinetic pre-exponential terms and the 
assumptions for the formation of dry gases from devolatilization, the model showed a much 
improved fit when compared to literature values. Figure 3-4 shows plots of the results from the 
final model developed by the author compared to literature data. The final selected kinetic pre-
exponential terms may be found in Table 3-4 and 3-5. 
 In the stages leading up to the selection of the final model, the author observed a trend of 
steady improvement in the fit of the model, both through the use of the comparison plots and the 
NSSR. Figure 4-3 shows a plot of the NSSR values from the final stages of the model. Here it is 
clear that the accuracy of the model in terms of predicting tar concentrations greatly increased in 
the concluding stages of the model, particularly between stages 64 and 65. This was due to 
addressing the issue of over-prediction of tars by the model. 
 For stage 65, the rate of the reduction reaction of benzene (Rxn. T4) was increased 
significantly from the previous stage, thereby reducing the final predicted concentrations of tars 
in the model, and increasing concentrations of other principle gas species. This modification 
significantly improved the fit of the model in terms of tar prediction, but slightly worsened the fit 
of the other principle gas species to literature. Additional modifications were made to address 
this issue. 
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Figure 4-3. Plot of NSSR Values of Final Model Calibration 
 
 
Figure 4-4. Plot of AAE Values of Final Model Calibration 
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 The plot of AAE during the final model calibration is shown in Figure 4-4. Here, the 
same trends from Figure 4-3 are observed, but the magnitude of the overall error is drastically 
reduced. This is due to the AAE’s representation of error, and shows how the proper selection of 
a metric can be important to the calibration and calibration of a model. 
 The final kinetic pre-exponential terms for the model were chosen using both means of 
model comparison previously discussed: statistical and graphical. Statistically, the NNSR of the 
final model was the second lowest value of NSSR observed throughout model calibration. 
However, compared to the model with the lowest value of NSSR (stage 65), the final model 
predicted fewer concentration values outside of acceptable limits (the upper and lower lines in 
Figures 3-4, 3-5, and 4-10). The final model contained only one point outside of the limits for 
CH4, one point for H2, and no points for CO and CO2, while the stage 65 model contained three 
points outside of the limits for CH4, one point for H2, and one point for CO2 (none for CO). 
4.8 Model Validation and Final Model 
 With the final kinetic parameters and devolatilization assumptions chosen, the model was 
validated against the remaining 10 sets of data. This independent comparison may be seen in the 
plots shown in Figure 3-5. Model validation is important, as a properly functioning model should 
compare well against literature data without requiring additional modifications. 
 The kinetic pre-exponential terms for the final model are presented in Table 4-14. 
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Table 4-14. Pre-exponential Terms of Final Calibrated Model 
# Reaction Final k 
1 Char Oxidation 2.98*10
-1
 
2 CO Oxidation 8.90*10
9
 
3 CH4 Oxidation 7.90*10
10
 
4 H2 Oxidation 5.40*10
7
 
5 Steam reforming of carbon 2.39 
6 Water-gas shift 2.78*10
-2
 
7 Boudouard 3.18*10
5
 
8 Methanation 4.92*10
-11
 
T1 Phenol reduction 10
7
 
T2 Phenol steam reduction 10
7
 
T3 Naphthalene reduction 1.70*10
14
 
T4 Benzene reduction 1.00*10
21
 
T5 Phenol oxidation 6.55*10
-1
 
T6 Benzene oxidation 1.20*10
7
 
T7 Naphthalene oxidation 6.65*10
-1
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5. NUMERICAL METHODS AND THE COMPUTER MODEL 
5.1 Introduction 
 When it was decided that a chemical kinetic model would be the most appropriate 
approach, and a continuously-stirred-tank-reactor-in-series (CSTR-in-series) reactor model was 
chosen, it was clear that the solution of sets of simultaneous non-linear algebraic equations 
would be required. These sets of equations are composed of the mass and energy balances in 
each continuously stirred tank reactor within the model. With a mass balance for each of the 
gaseous species, ash, char, a total gaseous molar balance, and a heat balance, there are a total of 
18 simultaneous equations to be solved within each CSTR. 
 The net production rate of any one component is affected by multiple chemical reactions. 
For example, the production rate of water vapor in an oxidation zone is defined in eq. 5-1. It is 
evident that each component is affected by any reaction in which it is either a product or reactant 
(See Tables 3-4 and 3-5). 
 
                                        (5-1) 
Where: 
 rH2O,ox zone = Generation or consumption rate of H2O in an oxidation CSTR (gmol/m
3
-s) 
 r4  = Rate of Reaction 4 (H2 oxidation) in an oxidation CSTR (gmol/m
3
-s) 
 rTR5  = Rate of Tar Reaction 5 (C6H6O oxidation) in an oxidation CSTR (gmol/m
3
-s) 
 rTR6  = Rate of Tar Reaction 6 (C6H6 oxidation) in an oxidation CSTR (gmol/m
3
-s) 
 rTR7  = Rate of Tar Reaction 7 (C10H8 oxidation) in an oxidation CSTR (gmol/m
3
-s) 
 r6  = Rate of Reaction 6 (Water-gas shift) in an oxidation CSTR (gmol/m
3
-s) 
 
 A kinetic rate expression is usually a non-linear relationship with respect to the 
concentration of a gaseous specie. The expression is non-linear when the kinetic expression 
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contains the specie concentration raised to a power other than one. An example of this is seen in 
eq. 5-2, the rate expression for the oxidation of methane. 
 
                 
               
       
       
    (5-2) 
Where: 
 rCH4,ox = Reaction rate of methane oxidation (gmol/m
3
-s) 
 kCH4,ox = Kinetic pre-exponential term used in methane oxidation reaction [(m
3
)
½
/(gmol
½
-s)] 
 R = Ideal gas law constant (J/gmol-K) 
 T = Temperature (K) 
 [CH4] = Concentration of methane in CSTR (gmol/m
3
) 
 [O2] = Concentration of oxygen in CSTR (gmol/m
3
) 
 
 Here we see that the concentration of CH4 is raised to the power of 0.7, and that the 
concentration of O2 is raised to the power of 0.8. Furthermore, the exponential term of 
 
              
   is also non-linear Therefore, in the mass balances of each of these species, there 
exists a non-linear term. 
5.2 Newton-Raphson Method 
 This method, named after Isaac Newton and Joseph Raphson, solves for the roots of 
simultaneous non-linear equations. The specific choice of updating terms is based on an 
approximation of the function, f(x), with a truncated Taylor Series expansion. 
 The root of a function (r, where f(r) = 0) may be found by using the derivative of the 
function, f’(x), in a series of iterations. For example, the function f(x) = 2x3-10 is graphed in 
Figure 5-1 from x=-1 to x=3. Assuming an initial guess of the root (x0) to be 2.5, the tangent line 
of the curve of the function at the guess (x0 = 2.5) is also shown in Figure 5-1. By following the 
tangent line from the value of f(x0) to the x-axis, the next guess (xi+1) is determined, represented 
by eq. 5-3.
1
 This equation includes a number of assumptions necessary for the method to work. 
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The most important of these assumptions are that the functions are continuous and differentiable. 
That is, the derivatives of the functions exist and are non-zero. 
 
          
     
      
 (5-3) 
Where: 
 xi+1 = Value of next approximation of the root of the function 
 xi = Value of current approximation of the root of the function 
 f(xi) = Value of the function at iteration i 
 f’(xi) = Value of the derivative of the function at xi 
 
 
 Figure 5-1. Graph of Example Function 
 
 The Newton-Raphson method converges quadratically to the root of a function, and the 
iteration process may be halted in a number of ways. The most common is defined as when there 
is an insignificant change in the values of sequential guesses. That is, when xi+1-xi becomes 
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small. Also, there are a number of situations which may cause instability in the process of 
convergence, including symmetrical functions and poor initial guesses.
1
 
5.2.1 Non-Linear Sets of Simultaneous Equations 
 When using the Newton-Raphson method to solve a set of simultaneous equations, 
matrix calculations are required. The simultaneous equations and variables are organized in an n 
x n system, with n number of equations and n number of unknowns. An initial guess for each 
variable is required for the method to begin. 
 When a set of simultaneous equations is to be solved, the f’(x) in eq. 5-3 is represented by 
the Jacobian. The Jacobian can be defined as a matrix where the derivative of each equation is 
determined with respect to each variable, resulting in a n x n matrix. For 18 simultaneous 
equations, the Jacobian is an 18x18 matrix. 
 The goal is to find a value for each of the variables which drives the simultaneous 
equations to zero. Since these equations represent mass and energy balances in the model, this 
results in finding the values for steady-state operation (Input = Output + Generation). An initial 
guess of the roots is made ([xi] in the form of a n x 1 matrix). The next guess for the roots of the 
equations is defined as [xi+1] in eq. 5-4.
2 
This method converges quadratically, but may be 
computationally slow. This is due to computing the Jacobian at every realization of the variable 
xi. If the computational cost is too high, a finite difference approach may be used. 
 
                        
   (5-4) 
Where: 
 [xi+1] = Matrix of values of next approximation of the roots of the simultaneous equations 
 [xi] = Matrix of value of current approximation of the roots of the simultaneous equations 
 [f(xi)] = Matrix of values of the simultaneous equations at [xi] 
 Ji
-1
 = Inverse of the Jacobian matrix at iteration i 
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5.2.2 Finite Difference Approximation 
 For cases where it is difficult to explicitly evaluate the derivative of a function, an 
approximation of the derivative is used. In solving for the roots of simultaneous equations, an 
approximation of the Jacobian is made. 
 The derivative of the function u(x) is by definition, the difference between the perturbed 
and initial value of the function, divided by the step size (∆x), as ∆x approaches zero. 
 
          
    
            
  
 (5-5) 
Where: 
 u’(x) = First derivative of the function u(x) 
 ∆x = Step size used in evaluation 
 u(x+∆x) = Perturbed value of the function u(x), evaluated at x+∆x 
 u(x) = Value of the function u(x) evaluated at x 
 
 In computational methods, a finite step size, or finite difference is defined, and used to 
approximate the derivative of the function. This approximation, shown in eq. 5-6, may be 
performed at each iteration (or step). 
 
        
              
  
 (5-6) 
Where: 
 u’(xi) = First derivative of the function u(x) at xi 
 ∆x = Step size used in evaluation 
 u(xi+∆x) = Perturbed value of the function u(x), evaluated at xi+∆x 
 u(xi) = Value of the function u(x) evaluated at xi 
 i = Index of iteration 
 
 The above expression is known as the forward Euler approximation, or forward finite 
difference approximation. The step size is finite and small, but not infinitesimally small. The 
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approximation improves (error decreases) as the step size is decreased. Furthermore, the error in 
the approximation of the functions impacts the validity of the model results. 
5.2.3 Taylor Series 
 The Taylor Series of a function, u(x), about a single point, xi, is defined in eq. 5-7. 
 
                  
      
      
 
  
          
      
 
  
            (5-7) 
Where: 
 u(x) = Function evaluated 
 u(xi) = Function u(x) evaluated at xi 
 xi = Dependent variable of the function u(x) at defined point 
 x = Dependent variable of the function u(x) 
 u’(xi) = First derivative of the function u(x) at xi 
 ! = Factorial 
 u’’(xi) = Second derivative of the function u(x) at xi 
 n = Index of iteration steps 
 R = Remainder of the Taylor Series expansion, representing the higher order derivatives of u(x) at xi 
 
 The error between the partial derivative and the expanded series (finite difference 
representation) is known as truncation error. However, the exact partial derivatives may be 
obtained as ∆x goes to zero in the finite difference approximation. 
5.2.4 Modified Newton-Raphson Method 
 Modifications to the Newton-Raphson method exist to allow faster convergence (in terms 
of computational time) upon a set of solutions. Significant resources are used in calculating the 
Jacobian matrix in each iteration, though the accuracy of the next guess is improved. However, 
the Jacobian from a previous iteration may allow the iteration to continue. In this case, the first 
iterations in the process involve the updating of the Jacobian with respect to the new guesses for 
 99 
 
the variables. Once the iteration count has reached a predetermined number (e.g., n = 15), the 
latest Jacobian is maintained and used to continue solving for the roots of the simultaneous 
equations. 
 There are a number of modified Newton-Raphson methods available. These modified 
methods result in less rapid convergence in terms of the number of required iterations (linear vs. 
quadratic), however this drawback is offset by the need to only periodically update the Jacobian. 
For large systems of equations, computing a numerical approximation to the Jacobian may be 
more time consuming than the Newton-Raphson iterations. Therefore it may make sense to trade 
off a slower algorithm with a computationally faster set of iterations. However, both methods 
converge to the same solution, and the accuracy depends only on the defined convergence 
criteria. 
5.3 Development of Model with MATLAB 
 The gasification model was implemented in MATLAB. For each CSTR within the 
oxidation and reduction zones, iterations are required to minimize error and converge on a set of 
solutions (roots) for the simultaneous equations. 
 MATLAB is a powerful programming environment and offers a user-friendly syntax and 
robust built-in functions. The use of .m-files provides the organization of one’s coding into 
unique routines, and allows one to call functions from separate .m-files. 
 Upon development of the program, MATLAB’s built-in compiler can create an 
executable file (.exe) to run either a DOS shell or GUI. An included GUI Developer 
Environment (GUIDE) makes it easy to create a graphical user interface for the Windows 
Operating System. 
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5.4 Integration of Model with Microsoft Excel 
 In MATLAB, the integration with Microsoft Excel is made simple with built-in functions 
to export data into predefined cells in Excel worksheets. One may export data cell-by-cell, or sets 
of data that have been organized into matrices in MATLAB. 
5.5 Model Inputs Screen 
 The computer model was developed in MATLAB, and a graphical user interface (GUI) 
was designed to allow ease of operation. The opening input screen for the GUI is shown below in 
Figure 5-2. Here, all fields are empty, and the user is ready to begin entering biomass 
composition and operational data. 
 Once all fields contain valid entries (no letters, symbols, or negative values), the model is 
ready to run. There is also error checking performed on the assumed bottom temperature of the 
gasifier, ER, and sum of the analyses. If either T or ER are too high or too low, or the ultimate or 
proximate analyses of the biomass do not sum to 100%, the model will issue a warning and 
disable the run button, until appropriate data are entered. Once all data are valid, the model is 
ready to run, as shown in Figure 5-3. 
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Figure 5-2. Opening Gasifier Model GUI Inputs Screen 
 
 
Figure 5-3. Gasifier Model GUI Input Screen (Ready to Run) 
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5.6 Model Outputs Screen 
 The output screen for the computer model GUI is shown in Figure 5-4. Here, the 
expected syngas temperature, flow rate, heating value, composition, as well as ash rate and 
carbon content, are displayed. The user may select the “Click here for Output XLS” button to 
view more detailed information as well as the expected syngas gas evolution, as discussed in 
Chapter 6. 
 
 
Figure 5-4. Gasifier Model GUI Outputs Screen 
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6. RESULTS AND DISCUSSION 
6.1 Final Model 
 The reactions and kinetic parameters of the final model are shown in Tables 6-1 and 6-2 
of this section. Comparisons plots, using all data sets from the three previously mentioned 
literature sources,
1,2,3
 are also shown for the five principal gas species (CO, CO2, H2, CH4, and 
C6H6) in Figures 6-1 through 6-5. These plots allow for the graphical representation of the 
goodness-of-fit of the model. 
6.2 Depiction of Syngas Evolution 
 Theoretically, the syngas evolution is modeled throughout the height of the gasifier, 
beginning from the exit of the DD zone. Using an example run of the developed model, with the 
averaged biomass composition from three literature sources
1,2,3
, an equivalence ratio (ER) of 
0.25, and an assumed gasifier bottom temperature of 1000 K, the trends observed throughout the 
gasifier are discussed. As observed in Figure 6-7, and Tables 6-3 and 6-4, free oxygen is rapidly 
consumed in the first two oxidation CSTRs. CO concentrations increase initially due in large to 
the oxidation of benzene, though the carbon monoxide formed is subsequently oxidized, 
contributing further to the increasing CO2 concentrations. Although not shown in Figure 6-7, 
H2O concentration increases in a trend almost symmetrical to the decrease of oxygen, leveling 
off after the first two CSTRs. An increase in bed temperature is observed in the oxidation zone in 
Figure 6-6. The inclusion of the water-gas shift reaction in the oxidation zone affects gas 
concentrations in this zone, particularly in the last three CSTRs where H2 and CO2 are observed 
to increase slightly while CO is consumed. 
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 Upon entering the reduction zone, CO and H2 concentrations in the syngas increase at 
similar rates, while CH4 concentration increases at a slower rate. The water-gas shift reaction and 
the steam reforming of carbon greatly affect the CO and H2 concentrations in the oxygen-scarce 
environment, while CH4 is principally affected by the reduction of benzene. In the reduction 
zone as well, the Boudouard reaction increases CO concentration and consumes solid char, 
thereby affecting both syngas quality as well as the gasifier’s carbon conversion. 
 Exiting the final reduction CSTR, and representing the product gas from the gasifier, 
concentrations of H2 and CO are at their highest, CH4 is relatively high, and benzene is relatively 
low. The higher heating value of the syngas is relatively high, though not the highest observed in 
the entire gasifier. More potent syngas is actually observed exiting the drying and 
devolatilization zone, though much of the heating value at this point is due to the high tar content 
of the syngas. During operation of a gasification facility, the higher levels of tar may cause issues 
with air pollution control equipment downstream of the gasifier, and the syngas may need to be 
treated prior to combustion. The production of a syngas that contains much lower concentrations 
of tars, when compared to pyrolysis, is an additional benefit of the process of gasification. 
 In Tables 6-3 and 6-4, HHV1 represents the Higher Heating Value (HHV) of the syngas 
including all combustible components, while HHV2 represents the HHV of the syngas excluding 
the tar content. The heat produced by the combustion of syngas is a useful product and can be 
used in drying the incoming biosolids, heat the facility, or potentially produce electricity. 
 Ultimately, the process of sewage sludge gasification provides a viable alternative to the 
landfilling of waste biosolids. The model developed provides a prediction of the syngas produced 
from the process, and can allow for the further refinement of certain parameters by facility 
operators in pursuit of the most efficient operating conditions. 
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Table 6-1. Reactions of the Primary Species Utilized in the Model 
# Reaction Rate Expression Model k 
1 αC (s) + O2 → 2(α-1) CO + (2-α) CO2 
        
              
   
 
  
     
  
    
   
with             
            
   
2.98*10
-1
 
2 CO + 0.5 O2 → CO2        
              
          
         
     
8.90*10
9
 
3 CH4 + 0.5 O2 → CO + 2 H2        
              
       
       
    
7.90*10
10
 
4 H2 + 0.5 O2 → H2O        
              
           
5.40*10
7
 
5 C (s) + 1.2 H2O → 0.8 CO + 0.2 CO2 + 1.2 H2 
   
    
              
  
  
  
     
                               
 
              
             
   
              
             
   
             
   
             
   
        
 
   
 
     
       
2.39 
6 H2O + CO ↔ H2 + CO2 
       
             
             
         
  
  
          
            
   
2.78*10
-2
 
7 C (s) + CO2 → 2 CO 
   
    
              
  
  
  
     
                  
 
              
            
             
   
3.18*10
5
 
8 H2O + CH4 ↔ CO + 3 H2 
       
   
             
  
 
      
            
        
 
  
      
            
   
                
   
4.92*10
-11
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Table 6-2. Tar Reactions Utilized in the Model 
# Reaction Rate Expression Model k 
T1 C6H6O → CO + 0.4 C10H8 + 0.15 C6H6 + 0.1 CH4 + 0.75 H2          
              
          
10
7
 
T2 C6H6O + 3 H2O → 4 CO + 2 CH4 + 2 H2          
              
          
10
7
 
T3 C10H8 → 7.38 C (s) + 0.275 C6H6 + 0.97 CH4 + 1.235 H2          
              
         
       
     
1.70*10
14
 
T4 C6H6 + 2 H2O → 1.5 C (s) + 2.5 CH4 + 2 CO          
              
        
       
         
    
1.00*10
21
 
T5 C6H6O + 4 O2 → 3 H2O + 6 CO           
             
         
        
6.55*10
-1
 
T6 C6H6 + 4.5 O2 → 3 H2O + 6 CO          
              
        
        
     
1.20*10
7
 
T7 C10H8 + 7 O2 → 4 H2O + 10 CO           
             
         
        
6.65*10
-1
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Figure 6-1. Comparison Plot of Model Values with all Literature Values for CO  
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Figure 6-2. Comparison Plot of Model Values with all Literature Values for CO2  
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Figure 6-3. Comparison Plot of Model Values with all Literature Values for H2  
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Figure 6-4. Comparison Plot of Model Values with all Literature Values for CH4  
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Figure 6-5. Comparison Plot of Model Values with all Literature Values for C6H6
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Figure 6-6. Theoretical Temperature Profile of Gasifier (Bottom T=1000K, ER=0.25, 1.1% Heat Loss) 
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Figure 6-7. Theoretical Evolution of Gases in Biomass Gasifier (Bottom T=1000K, ER=0.25) 
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Table 6-3. Concentrations of Gaseous Species in DD Zone and Oxidation CSTRs (Bottom T=1000K and ER=0.25) 
% by vol. DD Zone OX 1 OX 2 OX 3 OX 4 OX 5 
O2 13.7% 1.97% 0.30% 0.01% 0.00% 0.00% 
CO 2.77% 3.35% 1.55% 1.01% 0.99% 0.99% 
CO2 1.79% 9.78% 12.2% 12.8% 12.8% 12.8% 
H2 2.72% 1.64% 1.62% 1.64% 1.64% 1.64% 
CH4 2.85% 1.79% 1.59% 1.59% 1.59% 1.59% 
H2O 16.1% 22.8% 23.6% 23.6% 23.6% 23.6% 
C6H6 2.91% 1.72% 1.70% 1.70% 1.70% 1.70% 
C6H6O 0.97% 0.95% 0.96% 0.96% 0.96% 0.96% 
C10H8 0.00% 0.00% 0.00% 0.00% 0.00% 0.00% 
NH3 3.15% 3.14% 3.17% 3.18% 3.18% 3.18% 
HCl 0.03% 0.03% 0.03% 0.03% 0.03% 0.03% 
H2S 0.30% 0.30% 0.30% 0.31% 0.31% 0.31% 
N2 52.1% 51.9% 52.4% 52.5% 52.5% 52.5% 
Ar 0.61% 0.61% 0.61% 0.61% 0.61% 0.61% 
gas sum 100% 100% 100% 100% 100% 100% 
HHV1 (kJ/gmol) 148 98 91 90 89 89 
HHV2 (kJ/gmol) 53.1 42.2 35.4 33.8 33.8 33.8 
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Table 6-4. Concentrations of Gaseous Species in Reduction CSTRs (Bottom T=1000K and ER=0.25) 
% by vol. RED 1 RED 2 RED 3 RED 4 RED 5 
O2 0.00% 0.00% 0.00% 0.00% 0.00% 
CO 3.50% 3.77% 3.99% 4.19% 4.39% 
CO2 12.5% 12.5% 12.6% 12.6% 12.6% 
H2 3.23% 3.60% 3.94% 4.25% 4.56% 
CH4 2.53% 2.56% 2.57% 2.57% 2.58% 
H2O 21.2% 20.7% 20.3% 19.9% 19.5% 
C6H6 1.72% 1.70% 1.69% 1.68% 1.67% 
C6H6O 0.02% 0.00% 0.00% 0.00% 0.00% 
C10H8 0.18% 0.19% 0.19% 0.19% 0.19% 
NH3 3.09% 3.08% 3.07% 3.06% 3.05% 
HCl 0.03% 0.03% 0.03% 0.03% 0.03% 
H2S 0.30% 0.30% 0.30% 0.29% 0.29% 
N2 51.1% 50.9% 50.7% 50.6% 50.5% 
Ar 0.60% 0.59% 0.59% 0.59% 0.59% 
gas sum 100% 100% 100% 100% 100% 
HHV1 (kJ/gmol) 110 111 113 114 115 
HHV2 (kJ/gmol) 53.5 55.6 57.2 58.7 60.2 
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7. CONCLUSIONS AND RECOMMENDATIONS 
7.1 Utility of the Model 
 The use of chemical kinetics is important to the development of a robust and accurate 
model to predict syngas rate and composition from a fluidized-bed biomass gasifier. Sufficient 
data exists in the literature to develop the framework for a working gasification model, although 
many parameters were derived from experiments on woody biomass. In the development of a 
sewage sludge gasification model, modifications to both the kinetic pre-exponential terms, as 
well as the assumptions for the splitting of initial products of devolatilization may be necessary 
to achieve good predictions. 
 A model that produces results, which compare well with the literature over a range of 
temperatures, equivalence ratios (ERs), and biomass compositions, is useful for those who 
design or operate gasification facilities. Since literature data is often based on lab-scale 
experiments, care must be taken when applying a literature-based model to a commercial-scale 
facility.
 
Issues including heat loss, and the direct relationship between ER and bed temperature, 
do not always translate well. Gasifier heat loss in a commercial scale facility is expected to be 
greater than that in a lab-scale set-up, however once validated against operational data, a model 
initially based on literature values can provide a good representation of the process and provide 
help in the design and operations of a gasifier. Furthermore, in a commercial-scale facility, bed 
temperature is controlled by ER and is not an independent variable. Therefore, when using a 
model in which both ER and bed temperature are inputs, users must understand the direct 
connection between the two parameters. 
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 A gasification model, when coupled with a chemical kinetic model for the combustion of 
the syngas in a separate thermal oxidizer, may aid in improving the design of downstream APC 
equipment for the facility. The effects of varying feedstock on the performance of a gasifier are 
important to facility operators. By estimating the energy content of a syngas before it is 
produced, operators can reduce their need to auxiliary fuel, and better understand which sources 
of feedstock are the most potent. 
7.2 Recommendations for Future Research 
 It is recommended that more studies focus on the initial stages of gasification. The 
assumption that drying and pyrolysis occur instantly works well in a number of models, but the 
products from this zone vary greatly depending on the type of biomass. Experiments performed 
with a pyrolysis unit, using common wastes as fuel, including dried sewage sludge and municipal 
solid waste, would be a valuable contribution to the body of knowledge. 
 Likely, the composition of the waste (ultimate and proximate analyses) has a large impact 
on the products of pyrolysis formed. If a relationship was developed that related bio-C, bio-H, 
and moisture content to the expected products of pyrolysis, future models could include a more 
accurate representation of this step of gasification. 
 Furthermore, experiments performed on a full-scale gasifier, detailing the syngas 
composition in relation to biomass and air inputs, would be helpful to researchers attempting to 
model a full-scale facility. The data from these full-scale runs would also be useful for further 
calibration and validation of the model developed in this work. Ultimately, these experiments (as 
well as future modeling) would aid in the design and operation of commercial-scale gasification 
facilities.  
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APPENDIX B: THERMODYNAMIC DATA  
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Appendix Table B-1. Standard Heats of Formation of Gaseous Species 
Specie 
ΔHf at 298.15 K 
(kJ/gmol) 
O2 0.00 
CO -111 
CO2 -394 
H2 0.00 
CH4 -74.9 
H2O -242 
C6H6 82.9 
C6H6O -96.4 
C10H8 150 
H2S -20.5 
HCl -92.3 
NH3 -45.9 
N2 0.00 
Ar 0.00 
Source: NIST JANAF, 2012.
1
 
 
Appendix Table B-2. Mean Molar Heat Capacities of Principle Gases at Temperatures 
Relevant to Gasification 
 
Cp (J/gmol-K) 
T (K) O2 CO CO2 H2 CH4 H2O N2 
298.15 29.4 29.1 37.1 28.8 35.6 33.6 29.1 
300 29.4 29.1 37.2 28.8 35.7 33.6 29.1 
400 30.1 29.3 41.3 29.2 40.5 34.3 29.2 
500 31.1 29.8 44.6 29.3 46.3 35.2 29.6 
600 32.1 30.4 47.3 29.3 52.2 36.3 30.1 
700 33.0 31.2 49.6 29.4 57.8 37.5 30.8 
800 33.7 31.9 51.4 29.6 62.9 38.7 31.4 
900 34.4 32.6 53.0 29.9 67.6 40.0 32.1 
1000 34.9 33.2 54.3 30.2 71.8 41.3 32.7 
1100 35.3 33.7 55.4 30.6 75.5 42.5 33.2 
1200 35.7 34.2 56.3 31.0 78.8 43.8 33.7 
Average 32.6 31.3 48.0 29.7 56.8 37.9 31.0 
Source: NIST JANAF, 2012.
1
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Appendix Table B-3. Mean Molar Heat Capacities of Trace Gases at Temperatures 
Relevant to Gasification 
 
Cp (J/gmol-K) 
T (K) C6H6 C6H6O C10H8 
298.15 82.4 103 130 
300 83.0 104 131 
400 114 136 179 
500 139 162 219 
600 160 182 252 
700 177 199 277 
800 190 212 298 
900 202 223 316 
1000 211 232 330 
1100 220 240 342 
1200 227 247 352 
Average 164 186 257 
Sources: R.D. Goodwin, 1988; G.M. Barrow and A.L. McClellan, 1951; S.A. Kudchadker et al., 1978.
2,3,4
  
 
Appendix Table B-4. Mean Molar Heat Capacities of Gaseous Tar Species at Temperatures 
Relevant to Gasification 
 
Cp (J/gmol-K) 
T(K) H2S HCl NH3 Ar 
298.15 34.2 29.1 35.7 20.8 
300 34.2 29.1 35.7 20.8 
400 35.6 29.2 38.7 20.8 
500 37.2 29.3 42.0 20.8 
600 38.9 29.6 45.3 20.8 
700 40.7 30.0 48.4 20.8 
800 42.5 30.5 51.2 20.8 
900 44.2 31.1 53.9 20.8 
1000 45.8 31.6 56.5 20.8 
1100 47.2 32.2 58.9 20.8 
1200 48.5 32.7 61.0 20.8 
Average 40.8 30.4 47.9 20.8 
Source: NIST JANAF, 2012.
1
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Appendix Table B-5. Heat Capacities of Solids and Liquids Relevant to Gasification 
 
Cp (J/g-K) 
T(K) Sand Ash Water Biomass 
298.15 0.83 0.31 4.18 1.95 
Sources: Petersen and Werther, 2005; Zhenshan, 2009.
5,6
 
 
Appendix Table B-6. Higher Heating Values of Combustible Syngas Components (kJ/mol) 
 
HHV (kJ/mol) 
H2 CH4 NH3 CO C6H6 C6H6O C10H8 
286 891 382 285 3,270 3,030 5,160 
Source: NIST JANAF, 2012; Cox, 1961.
1,7
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APPENDIX C: BIOMASS PYROLYSIS DATA  
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Appendix Table C-1. Products of the Drying and Pyrolysis of Beech Wood 
Temperature 
(K) 
Char (kg char 
formed/kg fuel) 
Dry gas (kg dry gas 
formed/kg fuel) 
Tar (kg tar 
formed/kg fuel) 
Water (kg water 
formed/kg fuel) 
988 0.092 0.662 0.06 0.186 
1088 0.057 0.758 0.06 0.125 
1188 0.051 0.765 0.06 0.124 
Source: Mathieu and Dubuisson, 2002.
1
 
 
Appendix Table C-2. Composition of Dry Gas from the Drying and Pyrolysis of Beech 
Wood 
Temperature (K) H2 (% vol.) CO (% vol.) CH4 (% vol.) CO2 (% vol.) C2+ (% vol.) 
988 16.0 54.3 12.8 12.8 4.10 
1088 21.2 50.5 13.2 11.4 3.70 
1188 26.4 46.8 12.0 11.5 3.30 
Source: Mathieu and Dubuisson, 2002.
1
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Appendix Table C-3. Products of Drying and Pyrolysis from Various Feedstock (% by 
mass) 
Biomass 
type 
Particle 
size, 
weight 
Heating 
rate 
(C/min) 
Char H2 CH4 CO CO2 
Total 
Gas 
Yield 
Liquid 
(tar + 
H2O) 
yield 
Beech 
wood 
<1mm, 5 
mg 
10 18.2 0.23 0.50 2.90 9.00 11.7 67.0 
20 18.5 0.90 0.70 3.90 9.70 15.5 66.0 
30 17.6 0.60 0.74 5.60 12.8 20.0 62.4 
Saw Dust 
<1mm, 5 
mg 
10 20.9 0.20 0.64 2.50 10.0 13.3 65.8 
20 20.8 0.30 0.80 3.70 12.0 16.8 62.4 
30 19.2 0.28 0.90 5.00 14.0 20.0 60.8 
Sweet gum 
hardwood 
<88μm, 
100 mg 
1000 7.00 nd 2.30 17.0 6.10 41.0 51.0 
Cellulose 
<0.25 
mm, 2.5g 
31 nd 0.70 nd 4.75 12.4 17.8 nd 
Saw Dust 
<1.6mm, 
2.5g 
31 nd 0.70 nd 6.51 14.5 22.4 nd 
Almond 
shell 
10g 20 22.1 0.63 3.50 9.80 18.5 32.5 49.1 
Wood birch 0.4mm 500 27.6 0.54 8.20 23.8 17.0 51.8 21.6 
nd = not detected 
Source: Radmanesh et al., 2006.
2
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Appendix Table C-4. First-Order Kinetic Parameters for the Modeling of Drying and 
Pyrolysis of Pine Sawdust and Rice Husk 
Component Log(k0,i), s
-1
 E, kJ/gmol V*i, weight percentage 
Total Devolatilization 8.30 133 96.9 
Total Gas 2.88 49.4 47.6 
H2 6.17 114 0.16 
CH4 13.0 251 2.41 
CO 11.8 221 21.6 
CO2 5.39 98.0 3.08 
H2O 6.71 103 8.04 
Where: a.) Char = 100 – total devolatilization, b.)Tar = Total devolatilization – total gas release 
Source: Gungor, 2011.
3
 
 
Appendix Table C-5. First-Order Kinetic Parameters for the Modeling of Dry Gas 
Formation from the Drying and Pyrolysis of Beech Wood 
Component Log(k0,i), s
-1
 Ej, kJ/gmol V*i, weight percent 
CO 9.95 111 5.06 
CO2 9.72 105 7.24 
H2 4.67 92.0 0.60 
H2O 13.6 150 4.80 
CH4 5.04 71.3 1.06 
Tar 10.3 113 63.4 
Source: Wurzenberger et al., 2002.
4
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